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Abstract

Membrane processes play a critical role in the purification of biotechnology products. Early membrane systems were adopted from technology
originally developed for other industrial applications. During the last 2 decades, new membranes and modules have been developed specifically
to meet the requirements of the biotechnology industry. This includes applications of membranes for sterile filtration, clarification, initial harvest,
virus removal, protein concentration, buffer exchange, and protein purification. This manuscript provides an overview of recent developments
in membrane technology, focusing on the special characteristics of the membrane systems that are now used for the commercial production and
purification of recombinant protein products. Future developments in membrane technology are also discussed that may be able to meet the growing

needs for higher productivity, lower cost of production, and increased development speed in the biotechnology industry.
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.1. Definitions of membrane processes

Although essentially all membrane processes are used for
ioseparations, the greatest interest has been in the application
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f the pressure-driven processes of ultrafiltration, microfiltra-
ion, and virus filtration (Fig. 1). Reverse osmosis is also used
xtensively in the production of high quality water (WFI = water
or injection), but the design of reverse osmosis systems is out-
ide the scope of this review. Ultrafiltration membranes have
ore sizes between 1 and 20 nm and are designed to provide
igh retention of proteins and other macromolecules (Section
). Ultrafiltration membranes can also be used for protein purifi-
ation using a process known as high performance tangential
ow filtration (HPTFF, Section 9). Microfiltration membranes
ave pore size between 0.05 and 10 �m and are designed to
etain cells and cell debris while allowing proteins and smaller
olutes to pass into the filtrate (Sections 3 and 4). Membranes
esigned specifically for virus filtration fall between these lim-
ts and have pore size between 20 and 70 nm (Section 5). Virus
ltration membranes are occasionally (but incorrectly) referred

o in the literature as nanofiltration membranes based on their
0–70 nanometer pore size. Nanofiltration is properly defined
s a process that separates solvent, monovalent salts, and small
rganics from divalent ions and larger species (Fig. 1). Depth
lters are not typically considered as membranes since they
etain key components throughout the porous structure. Removal
Acknowledgments . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . .
References . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . .

1. Introduction—membrane applications overview

Membrane processes have been used for bioseparations since
well before the start of the modern membrane industry. For
example, John D. Ferry’s review article on ultrafiltration in 1936
[1] described the use of membrane technology for enzyme con-
centration, analysis of bacteriophages and viruses, preparation
of cell- and protein-free ultrafiltrates from biological solutions,
and sterile filtration, although these systems were limited to
analytical-scale processes due to limitations on the available
membranes and modules.

Membrane systems also played a major role in the purification
of the earliest biotechnology products [2,3], with these processes
adopted directly from technology that was originally developed
for the blood fractionation, food, dairy, and water industries [4].
Over the last 2 decades, new membranes, modules, and systems
have been developed specifically to meet the requirements of the
biotechnology industry. The objective of this review is to pro-
vide an overview of these developments, focusing on the special
characteristics of the membrane systems that are now used in the
production and purification of recombinant protein products.
ates are determined by both adsorptive and size-based retention
echanisms.
Normal flow filtration, also referred to as direct flow or

ead-end filtration, is used primarily for systems in which the
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Fig. 1. Comparison of removal characteristics

etained components are present at very low concentration.
ormal flow is also used in depth filtration and membrane chro-
atography where the removal occurs throughout the porous

tructure. Large-scale ultrafiltration devices use tangential flow
ltration in which the feed flow is directed parallel to the
embrane and thus perpendicular to the filtrate flow [5,6].
his allows retained species to be swept along the mem-
rane surface and out of the device, significantly increasing
he process flux compared to that obtained in normal flow
ltration.

In addition to the membrane processes used in the biotech-
ology industry, membrane technology has also played a
ajor role in biomedicine. Hemodialysis, which is used to

reat chronic kidney failure, is the single largest market for
embranes with current usage in excess of 50 × 106 m2 of
embrane per year. Solute removal in hemodialysis is primar-

ly by diffusion, in sharp contrast to the convective transport
hat dominates the pressure-driven membrane processes. Mem-
rane plasmapheresis, which is used extensively for both
lasma collection and for the therapeutic removal of circulating
athogens from blood, is very closely related to tangential flow
icrofiltration.

.2. Key membrane phenomena

Membranes are typically described by their pore size or nom-
nal molecular weight cut-off (MWCO), with the latter typically
efined as the molecular weight of a solute that has a retention
oefficient of 90%. However, the key characteristics in the design
f a membrane process are really the selectivity, the volumet-
ic flux, and the system capacity. The intrinsic selectivity of the
embrane is determined by the underlying pore size distribu-

ion and the membrane surface properties. For example, highly
elective ultrafiltration membranes can be developed using elec-
rically charged membranes that have very high retention of
roteins with the same polarity [7,8]. Similarly, adsorptive mem-

ranes can provide highly selective separations based on the
pecific binding of various components. For pressure-driven
embrane processes, the selectivity is directly related to the

olute sieving coefficient:

b
a
d
t

fferent pressure-driven membrane processes.

= Cf

CF
(1)

here Cf and CF are the solute concentrations in the filtrate and
eed solutions, respectively.

The initial volumetric filtrate flux is related to the membrane
ydraulic permeability:

p = J

�P
(2)

here J is the filtrate flux (volumetric flow rate per unit mem-
rane area) and �P is the transmembrane pressure difference.
he filtrate flux evaluated using the actual feedstock of inter-
st is typically less than the value predicted from the clean
embrane permeability due to fouling and concentration polar-

zation effects [6]. Membrane fouling can arise from adsorption
n and within the membrane pores and/or from the formation of
deposit on the external surface of the membrane. Concentration
olarization refers to the accumulation of completely or partially
etained solutes at the upstream surface of the membrane due to
ulk mass transfer limitations in the membrane device. In the
ase of microfiltration, the increased concentration of cells and
ell debris can reduce the filtrate flux by providing an additional
ydraulic resistance to flow. The dominant effect in protein ultra-
ltration is the reduction in the effective pressure driving force
ue to osmotic pressure effects [9]. The extent of concentra-
ion polarization can be controlled by adjusting the fluid flow
haracteristics, typically by providing high local shear rates in
angential flow filtration modules or by inducing secondary flow
nvolving Taylor [10] or Dean [11] vortices.

The system capacity is defined as the volume of feed that
an be processed per unit membrane area before the membrane
ust be regenerated or replaced. For pressure-driven membrane

rocesses operated at a constant transmembrane pressure, the
apacity is typically defined as the point at which the filtrate
ow rate has dropped to less than 10% of its initial value or

elow a pre-determined flux that is required for the particular
pplication. For operation at constant filtrate flux, the capacity is
efined by the maximum pressure drop that can be tolerated by
he system. This might be limited by the membrane, the housing,
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r a series of pressure drops that lead to a limitation on some
ther piece of equipment such as an upstream chromatography
olumn. The capacity of an adsorptive membrane is defined by
he appearance of an unacceptable level of a key component in
he flow-through stream (referred to as breakthrough). Break-
hrough is determined by both the equilibrium (static) binding
roperties of the resin in combination with any mass transfer
imitations in the device. The capacity of depth filters can be
etermined by either breakthrough of a key component or by
n unacceptable pressure drop, whichever occurs first under the
ctual process conditions.

. Overview of bioprocessing

.1. Properties of biomolecules

The early biotechnology products were highly active hor-
ones (e.g., insulin, human growth hormone, erythropoietin),

hrombolytic agents (e.g., tissue-type plasminogen activator),
nd clotting factors (e.g., Factor VIII). These proteins have
nique biocatalyst activity, initiating or inhibiting complex
iological cascades that give rise to the desired physiologic
esponse. In contrast, many of the recent product introductions
re monoclonal antibodies used for the treatment of breast can-
er (Herceptin®), B-cell lymphoma (Rituxan®), and rheumatoid
rthritis (Remicade® and Enbrel®), among others [12]. These
olecules act stoichiometrically, binding to a particular receptor

r cell type, requiring much higher dosing levels and batch sizes.
urrent annual production requirements are around 1000 kg,
hich are 100–1000-fold higher than the typical requirements

or most of the early recombinant protein products.
The biological activity of a protein is determined by its

nique three-dimensional structure and surface functionality.
roteins are biopolymers formed by a linear sequence of the
0 natural-occurring amino acids. The native state (or confor-
ation) is stabilized primarily by hydrophobic interactions due

o the unfavorable free energy associated with solvation of non-
olar groups by water. The net result is that the non-polar side
hains tend to collapse together to form the protein’s hydropho-
ic core. Hydrogen bonds between weak acid donor groups (e.g.,
–H and O–H) and acceptor groups with lone pair electrons sta-
ilize the protein’s secondary structure including both �-helices
nd �-sheets. Positively-charged amino groups and negatively-
harged carboxylic acid groups are typically located along the
rotein exterior [13]. The net protein charge is determined by
he number and pKa of these acidic and basic amino acids. The
soelectric point (pI) is the pH at which the protein has no net
lectrical charge, typically determined by the equilibrium posi-
ion in an isoelectric focusing gel or the lack of motion in an
pplied electric field.

Since the three-dimensional geometry of a given protein can
e quite complex, the hard sphere radius is usually estimated
rom the measured diffusion coefficient using the Stokes-

instein equation. A simple correlation for a wide range of
roteins is [6]:

= 0.88 · MW1/3 (3)

m
a
o
t
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here r is the radius in nm and MW is the protein molecular
eight in kDa (kilo Daltons). The hard sphere radius of human

nsulin with a molecular weight of 5.8 kDa is 1.6 nm while that
or a 155 kDa monoclonal antibody is 4.7 nm.

The effective radius of a protein in the context of mem-
rane separations can be considerably larger than the hard sphere
adius due to the presence of the diffuse ion cloud (the electrical
ouble layer) that surrounds the charged protein in aqueous solu-
ion [14]. This effect can be quite dramatic, with the effective

olecular weight of the protein (as determined by size exclusion
hromatography) increasing by more than a factor of 20 as the
olution ionic strength is reduced from 150 to 5 mM [15].

.2. Feedstock characteristics

Biotechnology products (typically proteins or DNA) are pro-
uced with recombinant DNA in cultures of cells, transgenic
nimals, or transgenic plants. Common cells used for production
nclude Chinese Hamster Ovary (CHO) cells, E. coli bacteria,
nd yeast. Cell-based production systems are typically carried
ut in batch mode although a small number of perfusion sys-
ems are also in use. Final manufacturing scale fermentation
s carried out at 1000–100,000 L scale with the majority of
HO based fermenters in the 8000–25,000 L scale. Transgenic
nimals have been explored as alternative production systems,
ncluding goats and pigs, with the recombinant products har-
ested in the animal’s milk [16]. Transgenic eggs have also been
eveloped. Several transgenic plant systems have been examined
ncluding corn and tobacco [17]. Cell-free systems are also being
eveloped [18].

Product titers have increased dramatically over the past 30
ears. Current cell culture systems typically yield product con-
entrations between 1 and 3 g/L while concentrations of 10 g/L
ave been obtained in transgenic milk. The detailed composition
f the initial feedstock depends strongly on the source mate-
ial. For cell culture systems, the critical impurities are the host
ells, host cell proteins, DNA, lipids, and other cell debris. This
ay include a variety of proteolytic enzymes that can degrade

he desired product. The cell culture media can also be highly
omplex, including a variety of growth factors, nutrients, sta-
ilizing agents, and antifoams. The downstream process must
lso be designed to remove endogenous virus-like particles that
ay be present in genetically-engineered mammalian cell lines

s well as adventitious viruses introduced during processing.
ransgenic milk contains high concentrations of fat and normal
ilk proteins. Of particular concern are the caseins, which form

arge micelle structures that can trap product.

.3. Overview of processing applications

Membranes are used extensively throughout the produc-
ion, purification, and formulation of biotechnology products.
pstream applications include sterile filtration (Section 3) of fer-

entation media, pH control solutions, and gases (air, oxygen,

nd off-gases). Filters with 0.1 �m pore size provide retention
f both mycoplasma as well as larger organisms. Depth filtra-
ion (Section 5) may also be used for turbid feed streams such
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s peptone solutions. Tangential flow microfiltration (Section 4)
s used for medium exchange (4.e.i), perfusion (4.e.ii), and har-
est (4.e.iii). Virus filtration (Section 6) may be used to protect
ell cultures from introduction of viral contaminants in media
aw materials. Ultrafiltration (Section 8) and diafiltration have
een used to remove glycine, hypoxanthine, and thymidine from
erum to provide selective pressure on serum dependent cell
ultures.

Downstream applications include sterile filtration (Section
) of buffers, products, and gases (typically air and nitrogen).
epth filtration (Section 5) may also be employed for product

eed streams that are particularly difficult to filter with other
ypes of membranes. Virus filters (Section 6) are often used
n the downstream processing of cell culture derived products
o insure removal of both endogenous virus particles as well
s any adventitious viruses that may enter into the cell culture
hrough contaminated raw materials. Virus filtration was initially
mplemented as a tangential flow filtration operation (Section
.3.1) but is now typically performed by normal flow filtration
Section 6.3.2). Membrane chromatography (Section 7) can be
sed for purification of both products and raw materials. For
xample, it may be advantageous to remove endotoxins from
aw materials before using them in the downstream process.
ltrafiltration is used to concentrate and buffer exchange product
ools throughout the downstream process. It is also used as the
ethod of choice for final formulation of bulk product.

.4. Requirements for the biotechnology industry

Purity requirements for human pharmaceutical protein prod-
cts are focused on host cell proteins, product variants, DNA,
iruses, endotoxins, resin and membrane leachables, and various
mall molecules used in the fermentation and purification pro-
esses [19]. Acceptable host cell protein levels are determined by
he manufacturer based on process capability and safety testing
n toxicology and clinical trials combined with review by regula-
ory agencies. Typical targets for monoclonal antibody products
re in the ppm range (micrograms of host cell proteins per gram
f antibody product). Product aggregate levels are controlled to
inimize the potential for an enhanced immunogenic response

n patients arising from the presentation of repetitive structural
lements within the aggregate [20]. While the acceptable level
ill depend on the specific product, it is common to maintain

ggregate levels below 5%. Protein product variants may include
eamidated and oxidized forms as well as various glycosylation
orms [21]. Acceptable levels of these forms will depend on
ioactivity, safety, and efficacy testing in clinical trials. DNA
evels are set by the World Health Organization at ≤10 �g per
ose.

Regulatory guidelines require that recombinant DNA derived
rotein products for human use meet a criterion of less than 1
irus particle per million doses. There is also a requirement to
emonstrate that virus inactivation and clearance are accom-

lished using at least three different mechanisms. Common
ethods for removal of viruses include sized based filtration

nd affinity and anion exchange chromatography. Methods for
nactivation often include low pH, heat, and use of solvents and

c
i
i
o
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etergents. Endotoxin limit levels are usually set to less than
EU/kg of patient weight. Membrane and resin leachable lev-
ls are determined by the end-user with limits typically set at
1–10 �g/mL. Acceptable final levels of small molecules used

n the process (but absent from the product formulation) are
etermined based on toxicity and regulatory guidelines. Micro-
ial contamination is controlled throughout both upstream and
ownstream processes. Sterility is required for fermentation and
nal product. Sterility is often not possible during the purifica-

ion process due to the lack of steamable resins and membranes
nd technical challenges with regard to thermal expansion and
ontraction of various materials of construction. Microbial levels
re, however, controlled using steam sterilized 0.2 �m filters and
team sterilized product pool tanks at each stage of the process.

. Sterile filtration

.1. Principles

Almost all biotherapeutics are processed by sterile filtration
ince the thermal stability of these molecules prohibits the use
f alternative sterilization methods. Sterile filters operate using
ormal flow filtration, with bacteria, cell debris, and insoluble
ggregates retained by the membrane. These filters are used to
emove bacteria and particles from feedstock solutions, to pro-
ect downstream units from fouling by insoluble materials, and
or sterile fill operations.

The capacity of the filter is determined by the fouling char-
cteristics of the feed solution. Fouling can occur on the upper
urface of the membrane, both by pore blockage and by the
ormation of a cake or deposit, and also within the membrane
ore structure. Fouling causes a decay in flow rate for constant
ressure operation and it increases the pressure for operation at
onstant filtrate flux.

.1.1. Classical fouling models
Flux decline data are typically analyzed using one of the

lassical filtration models: standard pore blockage, intermediate
ore blockage, pore constriction, and cake filtration [22]. The
overning equations for the filtrate flow rate (Q) during constant
ressure operation and the transmembrane pressure (P) during
onstant flow operation are summarized in Table 1. The results
re expressed in terms of the filtration time (t) and the cumula-
ive filtrate volume (V). The linearized forms are convenient for
ata analysis and model identification. In each case, the rate of
ouling is assumed to be proportional to the rate at which the
oulant material is brought to the membrane by the filtrate flow,
eglecting any back-transport or detachment mechanisms. In the
ake filtration model, fouling results in a deposit on the external
urface of the membrane that provides an additional resistance
o flow in series with that of the membrane. In the other three

odels, the membrane is assumed to be composed of a parallel
rray of cylindrical pores with uniform pore size. In the pore

onstriction model, fouling occurs within the membrane lead-
ng to a reduction in the effective pore size. The standard and
ntermediate pore blockage models assume that the pores are
ccluded by the foulant, with the intermediate blockage model
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Table 1
Governing equations for flux decline models

Constant pressure Flow rate Linearized form

Pore blockage
Q

Q0
= exp(−βt) ln(Q) = at + b

Intermediate blockage
Q

Q0
= (1 + βt)−1 1

Q
= at + b

Pore constriction
Q

Q0
= (1 + βt)−2 t

V
= at + b

Cake filtration
Q

Q0
= (1 + βt)−1/2 t

V
= aV + b

Constant flux Pressure Linearized form

Pore blockage
P

P0
= (1 − βt)−1/2 1

P2
= a− bV

Intermediate blockage
P

P0
= (1 − βt)−1 1

P
= a− bV

Pore constriction
P

P
= (1 − βt)−2 1

P1/2
= a− bV
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llowing for particle superposition on the external membrane
urface.

.1.2. Pore blockage—cake filtration model
Although many investigators have used the simple foul-

ng models to analyze flux decline data, there is considerable
xperimental evidence that there is often a transition in foul-
ng behavior during a filtration run, with the initial flux decline
ssociated with pore constriction and/or pore blockage (possibly
n sequence) followed by cake formation. Ho and Zydney [23]
eveloped a combined pore blockage—cake filtration model that
ccounts for this transition. Protein aggregates and cell debris
re assumed to deposit on the membrane surface blocking the
ores, but this initial deposit is assumed to be at least partially
ermeable to fluid flow. A cake layer or deposit then begins to
orm over those regions of the membrane that have already been
blocked” by the initial deposit. Ho and Zydney [23] showed
hat the filtrate flow rate can be approximated as:

Q

Q0
= exp(−βt) + Rm

Rm + Rp
[1 − exp(−βt)] (4)

here Rm is the resistance of the clean membrane (equal to 1/Lp)
nd Rp is the resistance of the growing deposit:

p = (Rm + Rp0)
√

1 + αt − Rm (5)

p0 is the resistance of the initial deposit and α is proportional
o the specific resistance of the growing cake. Eqs. (4) and (5)
ave been shown to provide a much better description of fouling
y protein aggregates than the classical filtration models [23].

The general framework underlying the combined pore
lockage—cake filtration model has been extended to begin
o account for the effects of the complex pore morphology in

urrent sterile filtration membranes, including both the asym-
etric structure [24] and the pore interconnectivity [25]. The

nterconnected pore structure allows fluid to flow under and
round any pore blockage, significantly reducing the rate of flux

(
l
e
p

max

PCTE) and 0.2 �m polyvinylidene fluoride (PVDF) membranes. Solid curves
re model calculations from [25]. Dashed curves are linear regression fits using
ata obtained for t < 10 min.

ecline relative to that for a membrane with straight-through
on-interconnected pores.

.1.3. Vmax and Pmax analysis
The simplest approach to sizing normal flow filters is the flow

ecay method, in which the cumulative filtrate volume is mea-
ured through a small-area test filter until the flow rate drops to
0% (or 20%) of its initial value. These data are then extrapolated
o larger production volumes assuming that the filter perfor-

ance scales linearly with membrane area. The disadvantage to
his approach is that large volumes of process fluid are required
o achieve the 80% or 90% reduction in flux, severely limit-
ng the amount of testing that can be conducted in a time and
ost effective manner, particularly during early stages of product
evelopment where feedstock availability is highly limited.

An alternative to the flow decay method is the Vmax analysis
26]. In this case, flux decay data are obtained over only a short
ltration time (typically 10–15 min), with the data extrapolated

o longer filtration times using the linearized form of the pore
onstriction model (Table 1):

t

V
= 1

Q0
+

(
1

Vmax

)
t (6)

he inverse of the slope on a plot of t/V versus t is the maxi-
um volume of fluid that can be filtered before the membrane is

ompletely plugged. Scale-up is then accomplished by assum-
ng that the available capacity (usually between 50 and 80% of
max) scales linearly with the membrane area. The Vmax method

equires smaller volumes of process fluid and shorter testing
imes, but it may lead to large errors in predicted capacity if
ouling is not due to pore constriction [25].

Fig. 2 shows a typical Vmax plot for filtration of BSA through
track-etch polycarbonate and polyvinylidene fluoride (PVDF)
embranes. The PVDF membrane has a much higher capacity
lower slope) due to its high degree of pore interconnectivity. The
inear fit to the data for the PVDF membrane significantly under-
stimates the capacity; thus, considerable care must be taken in
roperly interpreting and using this type of Vmax analysis.
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A similar approach can be used for scale-up for operation at
onstant filtrate flux. In this case, the total resistance, equal to
he ratio of the transmembrane pressure to the flux, is plotted
s a function of the volume filtered per unit membrane area. If
ouling is due entirely to pore constriction, the pressure (P) will
ncrease with cumulative filtrate volume (V) as (Table 1):

P

P0
=

(
1 − V

Vmax

)−2

(7)

here P0 is the initial pressure and Vmax is the filtrate volume
orresponding to complete saturation of all pores. A similar
quation can be derived based on the pore blockage model, but
ith an exponent of −1 instead of −2. The capacity is typically
efined based on a pre-determined pressure end-point. Alterna-
ively, the end-point may be defined based on measurements of
he filtrate turbidity if there is significant breakthrough of debris
t high loadings. The Pmax method provides much more reliable
caling than Vmax, and the use of constant filtrate flux is highly
ttractive for direct flow operations.

.2. Membranes

Sterile filters typically encompass 0.1 and 0.2 �m pore size
lters, both of which meet specific standards for removal of
icroorganisms. Sterile filtration criteria for 0.2 �m filters are

ased on removal of 107 colony forming units (CFU) of Bre-
imunda Diminuta per cm2 of membrane area [27]. These
embranes are typically used throughout the purification pro-

ess for recombinant DNA derived proteins. Cell culture opera-
ions may use 0.1 �m membranes to provide protection against

ycoplasma [28] that may be present in various raw materials.
Sterile filtration membranes have been made from a variety

f base polymers including polyethersulfone (PES), polyvinyli-
ene fluoride, nylon, and polypropylene (PP). Many of these
ase membranes also have surface coatings or are cast as poly-
eric alloys to reduce product protein adsorption and to reduce

ouling in general. These chemical modifications often focus
n rendering the membranes more hydrophilic and lowering the
eta potential to avoid ionic interactions. Significant yield losses
ue to protein adsorption are, however, rare even with highly
ydrophobic chemistries such as unmodified PP [29].

Sterile filters have the ability to remove microorganisms by
ize exclusion and to remove protein aggregates by both size
xclusion and adsorption. The latter characteristic is often as
mportant as the removal of microorganisms. Protein aggregates
ypically form over time even during product hold steps between
ownstream unit operations. In addition, higher levels of aggre-
ation will occur in steps such as ultrafiltration when the protein
s subjected to multiple passes through pumps and valves. For-
unately, microcavitation primarily leads to the generation of
nsoluble aggregates that are easily removed during sterile fil-
ration. While significant turbidity may be observed after some

ownstream processing operations, this is due to the strong
ependence of light scattering on the particle radius. Static light
cattering intensity, in which the intensity is measured as a func-
ion of scattering angle, is proportional to r3 while the dynamic

A
s
s
a
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ight scattering signal, obtained from the temporal variation of
he intensity, is proportional to r6 where r is the particle radius.
ield losses due to the generation of insoluble aggregates are
sually less than the limit of quantification. The generation of
oluble product multimers during downstream processing is also
are. Contrary to common belief, the aggregation that does occur
s not due to shear per se but is instead due to microcavita-
ion that occurs in pumps and valves. Microcavitation leads to
rotein–air interfaces that in turn lead to protein denaturation and
ggregation. There is also evidence that such denaturation can
ften be eliminated if the air is replaced with nitrogen (oxygen
nd other gases can be removed by nitrogen sparging followed
y a nitrogen overlay). While protein aggregate adsorption and
etention become capacity limiting for feed streams with low
icrobial levels, the removal of such aggregates should be con-

idered as an important part of the purification process. This is
specially true for filtration of final bulk product. Further aggre-
ation after the last step in the process is avoided by proper
evelopment and implementation of formulation buffers and
xcipients.

In addition to the use of many different polymers, manufac-
urers have the ability to cast a number of different membrane
tructures. Various production methods are used depending on
oth the polymer and the desired structure. Methods include air
asting, immersion casting, melt casting, track-etching, stretch-
ng, and radiation-induced polymerization [6]. Casting may also
e performed using another membrane as a substrate, often
eferred to as composite membranes. The structural charac-
eristics of the membrane play a major role in determining
ermeability, retention capability, process flux, and process
apacity. Recent developments in the production of composite
nd multi-layer membranes have provided dramatic increases in
embrane capacity compared to the isotropic membranes used

or sterile filtration in early bioprocesses.

.2.1. Isotropic membranes
Isotropic membranes have a uniform structure throughout

he depth of the membrane as shown in Fig. 3A. Permeability
s primarily determined by the pore size distribution and the
hickness of the membrane. When filtering particles larger than
he pore size, process capacities may be limited since retention
s at the surface of the membrane. High levels of clearance may,
owever, be achieved with particles that either adsorb to or are
rapped by the entire membrane structure.

.2.2. Anisotropic membranes
Anisotropic membranes have a graded pore size distribution

hat varies throughout the depth of the membrane as shown in
ig. 3B. Permeability can be enhanced with these structures
hile still maintaining the mechanical strength of the mem-
rane. Process capacities may also be enhanced for feed streams
hat have a wide particle size distribution since different particle
izes may be retained by different layers within the membrane.

nisotropic membranes may also be used with the smaller pore

ize on the upstream side. This can be advantageous for feed
treams with relatively homogeneous particle size distribution
nd small loads where surface retention is adequate and the rest
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ig. 3. Evolution of casting technology for sterile filters showing progression
lters have been developed for the biotechnology industry using multiple comp
sed with permission of Millipore Corporation.

f the membrane only serves as a mechanical substructure with
ncreased permeability compared to an isotropic membrane with
he same retention capability.

.2.3. Composite membranes
Composite membranes combine two different structures into

single membrane as shown in Fig. 3C. The different layers can
e independently formed with either an isotropic or anisotropic
orphology, with each having a distinct pore size distribution,

spect ratio (ratio of pore sizes on the two faces of the mem-
rane), and thickness. This provides many degrees of freedom
o tailor the structure to various types of feed streams. One of
he membrane layers may also be designed as a built-in pre-filter
or the second layer.

.2.4. Multi-layer membranes
In addition to using composite membranes it can be beneficial

o physically layer two different membranes together, each of
hich is cast separately with the desired pore size and surface

haracteristics. The first layer is typically used as a pre-filter
hile the second layer is an absolute rated filter with either a 0.1
r 0.2 �m rating depending on the application.

.3. Modules

.3.1. Code 7 cartridges
The most common sterile filtration cartridge used in the

iotechnology industry today is a “Code 7” design, which pri-

arily refers to the bottom adapter that has two o-rings and two

abs that lock into corresponding grooves in the bottom of the
tainless steel housing. Code 7 cartridges are provided in 10,
0, 30, and in some cases 40 in. high configurations. The larger

3

i
1

(A) isotropic to (B) anisotropic to (C) co-cast structures. High capacity sterile
embranes with varying pore size distribution. Scanning electron micrographs

izes are obtained from 10 in. elements that are fused together
efore adding the top and bottom adapters.

.3.2. Other cartridge types
In addition to Code 7 style cartridges various other filter

lements are available from membrane manufacturers for appli-
ations requiring less membrane area. These designs are specific
or each manufacturer and require the use of the corresponding
ousing design.

.3.3. Pleating technology
Improved scale-up and process economics can be obtained

oth by using novel membrane structures and by increasing the
acking density of membrane inside the cartridge. An example
f improved packing density is shown in Fig. 4 for a pleated
embrane. Packing densities that are approximately twice as

igh as traditional cartridges are obtained by using longer
leats that are rotated into a tight pack. Intermediate polymer
creens are used to avoid blinding of the membrane surface. The
ncreased membrane area has several benefits including higher
apacity (per 10 in. element), lower flux (which also increases
apacity), and smaller housings. Smaller housings save capital,
abor, and manufacturing turn-around time since larger housings
equire longer steaming and cooling times and are more difficult
o handle.

.4. Equipment
.4.1. Stainless steel housings
Stainless steel housings are provided in various sizes

ncluding single cartridge, 3-round, 5-round, 6-round, 9-round,
2-round, and larger sizes. Code 7 cartridge and housing designs
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sure or constant flux. The appropriate study will depend on the
intended mode of filtration. Constant flux will typically result in
higher throughput capacities. Examples of constant flux capacity
studies are shown in Fig. 5. The composite PES membrane has

Fig. 5. Capacity studies showing pressure vs. throughput at constant filtrate
flux for composite anisotropic 0.2 �m PES membrane with co-cast anisotropic
0.5 �m pre-filter (Millipore Express® SHC membrane) run at a flux of
ig. 4. Comparison of packing density for Pall Fluorodyne EX high capacity
onventional filter using Star PleatTM (0.7 m2 per 10 in. cartridge). Photos used

rom different manufacturers do not share a common set of
pecifications and tolerances. It is therefore imperative that com-
atibility of cartridge and housing designs are verified for any
nstallation. Verification may include checks on minimum and

aximum dimensions for the cartridge and housing, installation
ests, integrity tests, and actual microbial challenges with hous-
ngs built to maximum dimensions and cartridges specifically

achined or molded to minimum dimensions.

.4.2. Capsules
Sterile filters are also provided in various self-contained car-

ridges that do not require the use of stainless steel housings.
or example, Pall makes KleenPakTM capsules using ther-
ally bonded components to minimize leachables from adhesive

ealants. These capsules are pre-sterilized by gamma irradiation.

.5. Processes

Sterile filter applications can be divided into flux limited and
apacity limited cases. Flux limited applications usually include
urified water and simple solutions such as buffers and media,
lthough some of these may contain sufficient particulate mate-
ial to become capacity limited. Most other feed streams are
apacity limited, with the maximum capacity dependent on the
perating conditions. Studies need to be performed to establish

n optimum flux that results in a filter size that can both pro-
ess a given volume in a given amount of time while providing
dequate capacity. A safety factor of 1.5 is typically added to
he measured capacity to account for process variability. Larger

1
(
D
p
D

filter using Ultipleat® technology (1.1 m2 per 10 in. cartridge) with that of a
ermission of Pall Corporation.

afety factors may be warranted for more variable feed streams
uch as harvested cell culture fluid.

Capacity studies are performed using either constant pres-
295 L/m2/h (open symbols) and isotropic 0.2 �m hydrophilic PVDF membrane
Millipore Durapore® membrane) run at a flux of 927 L/m2/h (closed symbols).
ata obtained with a monoclonal antibody Protein-A affinity chromatography
ool with the fluxes corresponding to the same flow rate per 10′′ Code 7 element.
ata obtained by Jean Luo and Robert van Reis at Genentech, Inc.
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ore than four times the capacity of the isotropic PVDF mem-
rane when used to clarify a monoclonal antibody feedstock
obtained after a Protein A affinity chromatography step).

Determining the optimum membrane structure and the opti-
um combination of pre-filter and final filter for any given

pplication relies heavily on empirical testing. Comparing
xperimental data to filtration models can, however, provide
nsights into fouling mechanisms that in turn may guide the
evelopment or selection of better membranes or filter com-
inations. Efforts are also underway to develop empirical
orrelations between the pore size distribution, particle size
istribution, and process capacity performance.

Scale-up should include side-by-side capacity studies com-
aring performance data obtained on discs, capsules and pleated
artridges due to the very different internal flow patterns and
ressure distributions in these modules. Disc studies with 47 mm
iameter discs are done to conserve material while verification
tudies on 1-in. cartridges are done to ensure scalability.

. Tangential flow micro-filtration

.1. Principles

Tangential flow microfiltration competes with centrifugation,
epth filtration, and expanded bed chromatography for the ini-
ial harvest of therapeutic proteins from mammalian, yeast, and
acterial cell cultures [29]. Tangential flow microfiltration using
.2 �m pore size membranes generates a filtrate solution that
equires no further clarification; competing technologies are
sed in conjunction with normal flow (usually depth and ster-
le) filters to achieve the high levels of cell and debris removal
eeded to protect subsequent chromatography columns. Recent
rends towards higher density cell cultures, which tend to have

uch higher levels of cell debris, have created major challenges
n the application of microfiltration for initial clarification.

The behavior of tangential flow microfiltration systems is
ypically dominated by concentration polarization and fouling
ffects, with the filtrate flux limited by the accumulation of a
oncentrated layer of cells and cell debris at the membrane sur-
ace [30]. These phenomena can be avoided by operating at
ow filtrate flux (below the critical flux for fouling) and/or by
xploiting inertial lift effects to maintain a particle-free zone
ear the membrane. At steady-state, the rate of cell transport to
he membrane is balanced by the rate of back-transport. Brown-
an diffusion is negligible for large cells and debris, thus the rate
f back-transport is determined by the effects of shear-induced
iffusion and/or inertial lift.

.1.1. Shear-induced diffusion
Shear-induced diffusion refers to the random, diffusive

otion, arising from particle–particle interactions in the shear
ow of a concentrated suspension. The shear flow causes parti-

les on neighboring streamlines to interact or “collide”, leading
o transient displacements perpendicular to the flow. Zydney and
olton [31] used a simple stagnant film model to evaluate the
ressure-independent filtrate flux accounting for the effects of

4

fl
fi

ig. 6. Comparison of predicted filtrate flux based on the Brownian diffusion,
hear-induced diffusion, and inertial lift models. Calculations were performed
or a nominal wall shear rate of 5000 s−1 and L = 0.2 m [30].

hear-induced diffusion:

= 0.070

(
a4

L

)1/3

γw ln

(
Cw

Cb

)
(8)

here a is the particle (cell) radius, L the channel length, γw
he local shear rate at the membrane surface, and Cw and Cb
re the particle concentrations at the membrane (wall) and in
he bulk suspension, respectively. Good agreement with experi-

ental data were obtained using Cw = 0.95 by volume fraction
or deformable red blood cells. TheCw value for more rigid cells
ill be closer to 0.7. Eq. (8) can be used in multi-component sys-

ems to describe the polarization of each component, with Cw
nd Cb the concentrations for each species. For a typical module
L = 30 cm, γw = 4000 s−1), the stable operating flux for a sys-
em with a high level of cell debris (a = 0.5 �m,Cw/Cb ≈ 1000)
s about 9 LMH (L/m2/h).

.1.2. Inertial lift
Inertial lift arises from hydrodynamic interactions associated

ith the distortion of the fluid streamlines in the gap between
he particle and the flow boundary [30]. The inertial lift velocity
s proportional to the cube of the particle radius and the square
f the local shear rate. It typically dominates shear-induced dif-
usion as a mechanism for back transport for particles greater
han 10 �m in radius [30].

Fig. 6 shows a comparison of the predicted flux using
he polarization analysis based on Brownian diffusion, shear-
nduced diffusion, and inertial lift as a function of the particle
adius. Brownian diffusion dominates for proteins while shear-
nduced diffusion is most important for cells and cell debris
0.4 �m < a < 15 �m). Inertial lift is only significant for floccu-
ated or aggregated cells.
.1.3. Critical flux analysis
Field et al. [32] originally introduced the concept of a “critical

ux” based on an analysis of data for the tangential flow micro-
ltration of yeast cell suspensions. The critical flux hypothesis is



f Membrane Science 297 (2007) 16–50 27

t
w
b
o
e
S
t
c
l
r
t

4

4

m
p
fl
i
m
s
T
b
h
n

4

s
[
p
fl
h
p
i
s
c
i

4

4

s
a
a
c
h
n
a
w
m
(
c
w
o

Fig. 7. Autoclavable hollow fiber cartridge with: (1) annealed polypropylene to
eliminate polymer stress; (2) smaller diameter to reduce thermal expansion and
contraction; (3) serrated bonding surface between polyurethane potting com-
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hat there exists a flux below which fouling is negligible and there
ill be no measurable decline in flux (or increase in transmem-
rane pressure) with time. The value of the critical flux depends
n the device hydrodynamics as well as any long-range (e.g.,
lectrostatic) interactions between the particles and membrane.
everal recent studies have shown that a low level of fouling can

ake place even below the critical flux [33]. Fouling under these
onditions may be due to the heterogeneous distribution in the
ocal flux over the surface of the membrane, with high local flow
ates through certain regions resulting in local fluxes that exceed
he critical flux [34].

.2. Membranes

.2.1. Hollow fiber
Narrow bore hollow fiber membranes for tangential flow

icrofiltration are made from a variety of polymers including
olyethersulfone, polysulfone, polypropylene, polyvinylidien
uoride, and mixed cellulose esters. These fibers typically have

nner diameters of 0.2–1.8 mm, providing laminar flow with
oderate shear rates. Most hollow fibers have an asymmetric

tructure with the dense skin at the lumen side of the fiber.
he fibers are self-supporting, so they can typically be cleaned
y back-flushing from the filtrate-side. Pre-sterilized disposable
ollow fiber modules have also been developed, eliminating the
eed for cleaning and regeneration.

.2.2. Flat sheet
Flat sheet membranes are typically cast on a non-woven sub-

trate and can have either an isotropic or asymmetric structure
6]. A variety of polymers are available, including polysulfone,
olyethersulfone, cellulose, and hydrophilized polyvinylidene
uoride. These materials are often surface modified to increase
ydrophilicity and reduce fouling, and they can be cast as mixed
olymers (e.g., with polyvinylpyrrolidone to increase wetabil-
ty). Membranes can be directly bonded or glued to plates or
ealed using appropriate gaskets. Open channel systems are
ommonly employed for tangential flow microfiltration to min-
mize plugging by cell aggregates and debris.

.3. Modules

.3.1. Non steam-in-place (SIP)
Tangential flow microfiltration modules are used for both

terile and non-sterile processes. Several sterilization methods
re possible including chemical, super heated water, autoclave,
nd steam-in-place. An example is the Akzo autoclavable MF
artridge as shown in Fig. 7. This product provides a good
ollow fiber membrane for cell-protein separation. The combi-
ation of fiber inner diameter (0.6 mm), fiber length (435 mm),
nd pore size (0.2 �m) provides good fluid dynamic properties
ith regard to feed flow rate (183 L/m2/h as normalized by the
embrane area), wall shear rate (4000 s−1), and pressure drop
25 kPa) while providing a sterile barrier. The original product
ould not be sterilized by thermal means. Five modifications
ere made to enable autoclave sterilization. The materials
f construction were maintained with a polypropylene fiber

b
r
l
t

ound and polypropylene cartridge; (4) increased thickness of cartridge cage;
nd (5) inserted metal ring in cartridge outlet (not shown) to stabilize seal during
eating and cooling. Photo used with permission of Genentech, Inc.

otted in polyurethane within a polypropylene cartridge. The
nmodified polypropylene hollow fiber membrane worked
ery well for mammalian cell–protein separation despite the
ydrophobic chemistry. To enable autoclave sterilization the
olypropylene components were annealed to reduce stresses in
he polymer. The outer cage of the cartridge was also strength-
ned by a thicker design to withstand heating and cooling
ycles. The cartridge diameter was made smaller to reduce the
bsolute differences in thermal expansion and contraction of
he polypropylene and polyurethane components. The bond

etween the polypropylene and polyurethane was improved by
eplacing a flat interface with a jagged design. Finally, a stain-
ess steel ring was inserted into the entrance and exit connectors
o stabilize the dimensions and ensure adequate o-ring sealing
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Fig. 8. ProstakTM MF stacked plate tangential flow microfiltration module
developed for steam-in-place applications. Membranes are integrally bonded
to both sides of a rectangular plate, which serves as the permeate carrier. Mul-
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iple plates are then bonded together to form an open channel plate and frame
ype device. Introduced by Millipore in 1985. Photo used with permission of

illipore Corporation.

gainst the stainless steel housing. Stainless steel systems with
p to 264 ft2 of membrane area can be successfully autoclaved.
fter autoclaving, the systems were connected to fermenters by

tainless steel pipe and all connections were steamed-in-place
o provide a sterile cell-protein separation system (see Section
.5.1 Medium Exchange). In principle, these cartridges could
lso be sterilized by other thermal means including super-heated
ater and steam-in-place. Autoclaves and steam-in-place sys-

ems are more commonplace in the biotechnology industry. SIP
f a hydrophobic membrane carries with it the risk of having to
e-wet the fibers under sterile conditions.

.3.2. Steam-in-place
The most convenient method for sterilization of large-scale

ndustrial MF systems is steam-in-place. SIP MF modules were
pecifically developed for sterile cell-protein separations. An
xample of such a module is the Millipore ProstakTM cartridge
s shown in Fig. 8. Cartridges are available with 0.2, 0.45,
nd 0.65 �m PVDF membranes with a hydrophilic hydrox-
propylacrylate surface chemistry. The final SIP product uses
glass-filled polysulfone cartridge material to withstand ther-
al expansion and contraction while maintaining an integral

ond with the membrane and sterile seals to the stainless steel
nd-plates.

.4. Processes
.4.1. Medium exchange and perfusion
TFF MF systems can be used to carry out cell-protein separa-

ion processes including medium exchange during fermentation.
he process was originally developed for the production of

t
m
l
c
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ecombinant human tissue-type plasminogen activator (TPA) at
enentech. Chinese hamster ovary (CHO) cells were grown in

uccessively larger seed fermenters with media containing serum
o support cell growth. Performing the final production fermen-
ation in the presence of serum proteins, however, resulted in
everal unique difficulties. High molecular weight complexes
ere formed between TPA and serum proteins. Several pro-

eolytically cleaved forms of TPA were also generated in the
resence of serum. Improved yield and product quality were
chieved by developing a process in which the cells could be
rown in serum-containing media throughout the cell culture
eed train but then switched to a serum-free media for produc-
ion. The penultimate cell culture (2400 L) was first concentrated
ix-fold and then media exchanged with 6 diavolumes of serum-
ree media using a sterile TFF MF system with either 24.5 m2 of
.2 �m autoclaved Akzo polypropylene hollow fibers or 18.6 m2

f 0.65 �m SIP Millipore Durapore® polvinylidene fluoride flat
heet membranes. The media exchanged cells were subsequently
ransferred to a 12,000 L production fermenter operated with
erum-free media. Both TFF systems used a wall shear rate
f 4000 s−1 and a flux of 50 L/m2/h. Cell viability was main-
ained at very high levels. Sterile TFF MF systems developed
or medium exchange can also be used for perfusion culture.
erfusion is a culture production method in which product is
ontinuously removed and replaced with new media.

.4.2. Harvest
The same MF technology that was originally developed for

edium exchange has also been used to harvest recombinant
NA derived proteins from both mammalian and bacterial cul-

ures. Harvest systems are generally larger due to the larger
cale of production fermenters. A 174 m2 hollow fiber system
s shown in Fig. 9A and a 186 m2 flat sheet system is shown in
ig. 9B. These systems have been used for harvest of proteins
rom CHO cultures with the same wall shear rate as medium
xchange processes (4000 s−1) but at lower flux rates (around
6 L/m2/h) due to the higher cell debris load [29]. The smaller
ore size membrane enabled direct sterile filtration into the har-
ested cell culture fluid (HCCF) hold tank whereas the larger
ore size membranes required the use of depth filters prior to
terile filtration of the HCCF. The larger membrane pore size
as required to achieve sufficient process capacity (114 L/m2

ncluding a 1.5x safety factor) on more challenging feed streams.
ields averaged 99% and membranes could be re-used 100 times

29].

. Depth filtration

.1. Principles

Cells and debris are removed in depth filtration throughout
he filter media, in contrast to the surface removal (screening)
ypically observed with microfiltration membranes. Depth fil-

ration has been successfully employed for the clarification of

onoclonal antibody solutions [35,36]; for removal of particu-
ates and contaminants from acidified protein solutions prior to
hromatographic processing [37]; and for removal of DNA from
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Fig. 9. Large-scale microfiltration systems for harvest of recombinant DNA
derived proteins from Chinese Hamster Ovary Cells. (A) Microdyn 0.2 �m
polypropylene hollow fiber microfiltration system with 174 m2 membrane area.
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B) Millipore ProstakTM flat sheet membrane system with 186 m2 of 0.65 �m
ore size hydrophilic PVDF membrane. Photos used with permission of Genen-
ech, Inc.

ammalian cell cultures [38]. Depth filters are typically used in
onjunction with normal flow sterile filters, providing a cost-
ffective process due to the large increase in capacity of the ster-
le filter. This is particularly true for heavily fouling feed stocks.

Particle removal in depth filtration occurs by a variety of
echanisms. Cells and cell debris can be removed by phys-

cal capture in narrow pore spaces. Multi-layer structures with
raded pore size provide the capability of removing different size
ebris within different layers of the filter. Electrostatic interac-
ions are critically important for the capture of charged species.
ositively-charged depth filters can provide very high removal
f negatively-charged DNA, viruses, and endotoxin [38]. Other
ffects such as hydrophobic interactions can also be important.
.2. Filter media

Depth filters employed in bioprocessing are usually com-
osed of cellulose or polypropylene fibers with an appropriate

t
i
m
c

ig. 10. Millipore depth filter cartridge with two depth filters of different grades
nd a final layer of cellulose acetate pre-filter. Photo used with permission of
illipore Corporation.

lter aid (e.g., diatomaceous earth, perlite, or activated carbon)
nd a binder. Charged filters can be formed by incorporating
harged polymers or ion exchange particles within the filter [39].

Multi-layered depth filters have been developed to improve
he particle removal capabilities, with each layer having a unique
ore size, electrical charge, and surface chemistry (Fig. 10). Inte-
ral filters with a membrane as the bottom layer provide even
igher levels of particle removal.

.3. Equipment

Depth filters are typically made available in 47 and 90 mm
iscs which are inserted into plastic or stainless steel hous-
ngs specifically designed to accommodate the media height.
elf-contained molded devices are also available. In both cases

t is advantageous to use assemblies with integral air vents
o avoid air entrapment and ensure complete utilization of
he membrane area. These small-scale devices are important
or process development studies with limited amounts of feed
tream. Due to the variability in media, however, caution should
e made in scaling up results obtained with such small fil-
er areas. Some pilot scale devices are also available from
ertain manufacturers but there is no universal standard for-
at at this scale. Industrial scale systems utilize stainless steel

ousings incorporating either 12 in. diameter (1.7–2.5 m2) or
6 in. diameter (3.4–5.0 m2) cartridges. Housing sizes range
rom 1 to 16 cartridges. Due to plant height limitations and
afety concerns, housings are also available with split domes.
arger systems are often implemented with multiple housings

n parallel (for capacity) and in series (for two-stage filtra-
ion to capture different particle sizes). In some cases the
eries configuration of housings can be avoided by using mul-

imedia cartridges. There are, however, trade-offs to be made
n terms of surface area per cartridge (which varies between

anufacturer) and depth filter media height (some multimedia
artridges only contain half the media height for each filter).
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elf-contained large-scale depth filters have also become avail-
ble.

.4. Processes

Cellulose depth filtration media pads are used in biotech pro-
esses for feed streams that cannot readily and cost-effectively
e clarified with other types of filters. The most common applica-
ion is using depth filtration downstream of either a centrifuge or
angential flow microfiltration system for protein harvest from
ermenters. The combination of fibrillated cellulose and vari-
us filter aids combine to provide high capacity for challenging
eed streams that include cell debris, DNA, protein aggregates,
nd colloidal material. Most cellulosic depth filters also contain
positively charged ligand that can significantly contribute to

dsorption of negatively charged species and enhance the clarifi-
ation process. The importance of electrostatic interactions can
e tested by either running feed streams with increasing con-
uctivity or by performing a high salt elution after loading the
lter. Particle size and zeta potential data on the feed and eluate
an provide insights into removal mechanisms.

Depth filters are also made from synthetic polymers in both
eutral and charged versions, e.g., spun polypropylene fibers
ith a graded fiber size. These filters may be used in har-
est applications although the cellulose filters have significantly
igher frontal areas, process capacities, and clarifying ability. A
ore common application is as guard filters on chromatography

olumns. Benefits in such applications include high capacity for
elatively pure protein feed streams. One downside is that they
re not absolute 0.2 �m rated and hence do not provide protec-
ion against air accidentally entering the column. While high
apacity sterile filters provide both clarification and protection
gainst air, they are significantly more expensive.

. Virus filtration

.1. Principles

Virus filtration can provide a robust, size-based viral clear-
nce mechanism that complements other virus clearance steps
n the production of biotherapeutics [40]. Since the presence
f only a small number of abnormally large pores will per-
it excessive virus leakage, virus filters must be manufactured

o as to eliminate all macro-defects. This is typically accom-
lished through the use of composite membranes that provide the
equired combination of virus retention and mechanical stability.
n addition, multiple layers of membrane are often used. Virus
ltration membranes are made from hydrophilic polyether-
ulfone, hydrophilic polyvinylidene fluoride, and regenerated
ellulose [41,42].

Virus filters were originally designed for use in tangential
ow filtration (TFF) with the feed flowing adjacent to the upper
kin layer of the asymmetric membrane [43]. TFF provides high

ux by sweeping the membrane surface to reduce concentration
olarization and fouling. However, the simplicity and lower cap-
tal cost of normal flow filtration (NFF) has led to the widespread
se of virus filters specifically designed for NFF. In contrast to

[
f
fi
i
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FF, these normal flow filters are typically operated with the
ore open side of the membrane facing the feed stream [44],

llowing protein aggregates and other large foulants to be cap-
ured within the macroporous substructure thereby protecting the
irus-retentive skin layer. Single-use normal flow filters simplify
oth system design and validation, reducing labor and capital
osts.

.1.1. Virus retention
Virus retention is characterized in terms of the Log Reduction

alue (LRV), which is defined as the logarithm (base 10) of the
atio of the viral concentration in the feed to that in the filtrate:

RV = −log10S (9)

here S is the sieving coefficient for the virus. The total required
RV depends on the nature and potential for viral contamina-

ion of the starting material. Biologicals produced from cell lines
ontaining retroviruses will typically require higher LRV. Virus
ltration steps are typically designed to provide a minimum
f 4-log virus removal. Viral clearance studies are performed
y spiking high titer infectious viruses (with different physical
haracteristics) into scaled-down modules and evaluating the
RV. Removal of both enveloped and non-enveloped viruses
ust be demonstrated. Common model viruses include animal

arvoviruses (e.g., MVM), poliovirus, SV40, sindbis virus, and
eovirus. Retrovirus filters are designed to remove only larger
iruses (greater than approximately 50 nm) while parvovirus fil-
ers are designed to provide significant removal of viruses as
mall as 20 nm. Initial design studies can also be performed with
acteriophages which can be obtained at much higher purity
nd titers, and which are much easier (and less expensive) to
ssay.

.1.2. Fouling phenomena
Fouling during virus filtration is typically dominated by pro-

ein aggregates, DNA, partially denatured product, or other
ebris. This can be a significant problem in spiking studies
ince the virus preparations are often quite “dirty”, with foul-
ng characteristics that are very different than the actual process
tream. Fouling can be significantly reduced using appropriate
re-filters [45]. Scale-up of virus filters is done using the same
asic strategy as used for sterile filtration.

.2. Membranes

.2.1. Flat sheet
Millipore Corporation produces a number of skinned, com-

osite flat sheet membranes specially manufactured to avoid
ormation of macrovoids. The first of these membranes were
roduced from hydrophilized PVDF and were designed to pass
roteins with 70 or 180 kDa molecular weight: the Viresolve®

0 membrane and the Viresolve® 180 membrane, respectively

43]. The composite structure of these Viresolve® membranes
eatures a thin, asymmetric, ultrafiltration layer cast on a micro-
ltration membrane. The pore size in the ultrafiltration layer

ncreases gradually from the “skin” layer progressing towards
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he large pore microfiltration layer. Viresolve® membranes are
sed in tangential filtration devices.

Pall Corporation has developed the Ultipor® DV50 and DV20
embranes [46] for normal flow virus filtration. The DV20 con-

ist of two membrane layers while the DV50 has three membrane
ayers. Each membrane is made from a relatively homogeneous
ydrophilized PVDF. The DV50 is designed to remove retro-
iruses (>50 nm) while the DV20 provides significant removal
f the smaller parvoviruses.

More recently, Millipore introduced the Viresolve® NFP and
FR filters for normal flow filtration [44]. These are multilayer

tructures designed for parvovirus (NFP) and retrovirus (NFR)
emoval. The Viresolve® NFP is made from hydrophilized
VDF while the Viresolve® NFR is a hydrophilic polyether-
ulfone in which the densest layer is in the interior of the
embrane.

.2.2. Hollow fiber
Asahi Kasei Corporation (Japan) manufactures 15N, 20N,

nd 35N Planova® hollow fiber membranes made from natu-
ally hydrophilic cuprammonium regenerated cellulose [47,48].
he effective filtration layer is approximately 35 �m thick to
ssure high viral retention. The Planova filters were among
he first membranes specifically designed for virus filtration,
nd numerous studies have explored the behavior of these
embranes both for virus filtration [49] and for removal of

athogenic prion protein [50]. The Planova 35N membrane
s capable of removing viruses larger than 35 nm in size
hile the 15N membrane provides a significant clearance of

ssentially all viruses. Hongo-Hirasaki et al. [51] have demon-
trated that the Planova 20N provides high levels of porcine
arvovirus removal from human IgG solutions with minimal
ouling.

.3. Modules

.3.1. Tangential flow modules
Tangential flow filtration for virus removal is typically per-

ormed using hollow fiber modules or flat sheet cassettes. Hollow
ber cartridges use an array of narrow bore, self-supporting,
bers potted at the ends in an epoxy or polyurethane resin and
oused within a cylindrical cartridge. Flat sheet cassettes typ-
cally employ a sandwich arrangement of a permeate screen,

embrane, and retentate screen. The screens define the flow
aths and increase mass transport in the polarization boundary
ayer.

.3.2. Normal flow VF modules
Normal flow virus removal filters typically use pleated mem-

ranes in cartridge form. The membranes are supported on
on-woven polyester, folded to form pleats, wrapped around
n inner core, and sealed by the use of two end caps. Support

ages are often placed around the membrane to protect it against
echanical damage. Cartridges are available in a variety of sizes

e.g., 10, 20, 30, and 40 in.). The cartridge is placed inside a stain-
ess steel housing prior to use. Self-contained cartridges called

s
fi
d
a
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apsules are attractive since they do not require a housing and are
asier to use. Smaller volumes can be processed with cartridges
ontaining a stack of membrane discs.

.4. Equipment

Virus filtration was originally performed exclusively using
angential flow filtration devices originally designed for ultrafil-
ration (see Section 8.3). Normal flow filtration cartridges are

ade using the Code 7 standard for corresponding stainless
teel housings (see Section 3.3). Small-scale formats for process
evelopment, characterization, and validation studies include
ndividual membranes (25–47 mm diameter) for use in stainless
teel disc holders and self-contained devices. Pilot scale devices
xist in both self-contained formats as well as in 1 in. versions
f the standard Code 7 cartridges.

.5. Processes

.5.1. Protein capacity studies
Virus filters are divided into two categories. One category

s used for clearance of large viruses such as retroviruses
approximately 100 nm diameter) using pore sizes in the range
f approximately 50–70 nm. A second category includes fil-
ers designed to remove smaller viruses such as parvoviruses
as small as 22 nm diameter) using pores sizes of approx-
mately 20 nm. Protein capacity studies for virus filtration
pplications follow the same principles as outlined for sterile
ltration (see Section 3.5). It is important to perform devel-
pment studies using the same pre-filter (if used), operating
rinciples, and set points (constant flux or constant pressure).
he feed stream must be representative of industrial scale
rocessing including both storage time and storage temper-
ture, both of which have a significant impact on process
apacity. It is also important to extend the capacity study
eyond the throughput in manufacturing (1.5–2 times) to deal
ith feed stream and membrane lot-to-lot variability. Process

haracterization studies may be performed to investigate pro-
ess capacity and yield as a function of a range of process
arameters.

.5.2. Virus filtration validation studies
Virus filtration validation studies are performed at small scale

ypically using self-contained devices with 13–47 mm discs.
ll process parameters are scaled down in a linear fashion

nd should represent worst-case conditions with regard to virus
learance. It is also important to process a larger amount of
eed stream per surface area compared with the industrial scale
rocess design to insure validation under worst case process con-
itions. Virus clearance should be measured in several fractions.
everal recent studies have demonstrated that virus clearance
an decrease with the extent of membrane fouling (reduction in
ermeability) when using parvo-type virus filters (20 nm pore

ize) [52]. This effect has not been seen with retrovirus type
lters (70 nm pore size). Depending on the overall process vali-
ation requirements one or more viruses may be studied to cover
range of particle sizes.
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.5.3. Industrial scale processes
Industrial scale processes typically use Code 7 cartridges and

ousings and utilize many of the same principles as sterile filtra-
ion. Sanitary operation (“closed processing”) is maintained with
ither SIP or chemical sanitization (typically 0.1–0.5N NaOH)
fter assembly and prior to use. Pre-use integrity testing may
e done to insure proper cartridge installation and/or to mitigate
gainst risk of having to re-process the feed stream should the
ost-use integrity test fail. Post-use integrity testing is required to
nsure that the claimed virus clearance was in fact achieved since
t is not feasible to determine the virus content in the filtrate at the
ow levels required for human pharmaceuticals produced from

ammalian cells (<1 virus particle per million doses). The filter
anufacturer must also correlate the integrity test parameters
ith virus clearance.

. Membrane chromatography

.1. Principles

.1.1. General
Membrane chromatography uses microfiltration (or larger)

ore size membranes that contain functional ligands attached
o the inner pore surface throughout the membrane structure
o provide highly selective separations through adsorp-
ion/binding interactions. Ion exchange, affinity, reversed-phase,
nd hydrophobic interaction membranes have been developed.
lthough the equilibrium binding capacity in membranes tends

o be low, the convective flow through the pores reduces the
ass transfer resistance compared to column (bead) chromatog-

aphy. This can be particularly important for purification of large
iomolecules and viruses that can have significant diffusion
imitations in conventional chromatographic media. Membrane
hromatography also has higher flow rates, lower pressure drops,
nd shorter processing times than conventional chromatography
53].

There has been significant interest in using membrane chro-
atography for bioprocessing for more than 20 years, but there

ave been few commercial successes. Binding capacities for
embrane systems remain below those for conventional bead

hromatography. Recent improvements in membrane materials
nd chemistries, coupled with a greater appreciation of appro-
riate target applications, have generated renewed interest in
pplications of membrane chromatography for bioprocessing.

.1.2. Convection and diffusion
The convective flow through the pores significantly reduces

he mass transfer resistance in membrane chromatography, with
he dynamic binding capacity typically independent of the flow
ate over a fairly large range of operating conditions. Suen and
tzel [54] developed a model for the effects of convection, dif-

usion, and adsorption, including the non-uniformity in the flow
istribution.
.1.3. Exclusion phenomena
Recent studies of ion exchange chromatography bead media

ave demonstrated the presence of exclusion phenomena that

7

t
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an reduce the mass transport rate of protein into beads [55].
he phenomenon occurs for large proteins such as monoclonal
ntibodies (160 kDa) using typical resin pore sizes. The effect
ppears to be due to initial binding of proteins at the pore
ntrance that results in steric hindrance and charge repulsion of
ubsequent protein entering the pore. The effect has also been
bserved for smaller proteins such as antigen binding fragments
44 kDa) for small pore size resins.

Studies of membrane chromatography have shown that the
xclusion phenomenon also appears to exist with membrane
edia. Fig. 11 shows the normalized dynamic binding capac-

ty (DBC/DBCmax) at 10% breakthrough (C/C0 = 0.1) for a Pall
ustang®-S membrane and GE Healthcare SepharoseTM Fast

low and SepharoseTM XL resins using the same monoclonal
ntibody at three different pH. Exclusion effects are greatest
t pH 4 and low conductivity, conditions that lead to strong
lectrostatic interactions. The exclusion phenomenon has been
irectly observed in bead media using confocal microscopy [55].
o such direct evidence exists yet for membranes. Both types of
edia do, however, exhibit the same general trends with regard to
BC as a function of load conductivity. Since pores are used for

onvective flow through a membrane media, an exclusion phe-
omenon may exist due to either surface exclusion (flat binding
urface) or pore exclusion from membrane surface modifications
various methods used to increase binding capacity). The coinci-
ent curves are likely due to similar ligand densities. Traditional
on exchange theory predicts that maximum DBC is obtained at
he highest protein net charge and the lowest conductivity. The
resence of the exclusion phenomenon generates a maximum
BC at an intermediate critical conductivity that depends on

he protein net charge. The maximum DBC is independent of
rotein net charge within a wide range (35–108) [55].

.2. Membranes

A variety of base membrane materials can be modified to
enerate adsorptive membranes. The Pall Mustang® Q and
membranes are flat sheet polyethersulfone that have been
odified with quaternary amine and sulfonic acid function-

lities. Sartobind® membranes from Sartorius are made from
stabilized regenerated cellulose. Zeng and Ruckenstein [56]

ave reviewed the different base materials and surface modifi-
ation chemistries that can be used to generate chromatographic
embranes.

.3. Modules

.3.1. Stacked sheet
The required bed height for a membrane chromatography unit

s achieved by using multiple layers of membrane in series. This
lso provides more uniform flow distribution, with any “defects”
n one layer compensated for by the flow through the subsequent
ayers. The simplest geometry is to use a stack of membranes,
ypically circular disks, placed one on top of each other.
.3.2. Pleated
Pleated cartridges for membrane chromatography are similar

o those used for normal flow filtration. The Mustang® mem-
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Fig. 11. Normalized dynamic binding capacity as a function of conductivity
for two cation exchange resins (GE Healthcare SepharoseTM Fast Flow and
SepharoseTM XL) and a cation exchange membrane (Pall Mustang® S proto-
type). Protein exclusion (charge repulsion) limits capacity at low conductivity
[55]. Maximum capacities were 26 mg/mL for the membrane prototype and
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0 mg/mL (Sepharose Fast Flow) and 100 mg/mL (Sepharose XL) for the
esins. Panels are at: (A) pH 4, (B) pH 5, (C) pH 6. Data obtained by Ai P. Lin,
ay Mueller, Bénédicte Lebreton, Chithkala Harinarayan, and Robert van Reis
t Genentech, Inc.

rane systems use a 16-layer pleat design. Process scale systems
re now available with 5 L of membrane that can be operated at
ow rates of 50 L/min (Fig. 12).

.4. Equipment
Membrane chromatography modules are available with
embrane media volumes ranging from 0.35 mL up to 5 L cov-

ring a range of flow rates from 3.5 mL/min up to 50 L/min

7

e

ig. 12. Industrial scale membrane chromatography unit. Pall Mustang® 5 L XT
000 module with 16 layers of pleated 0.8 �m PES membrane with quaternary
mine ligand. Photo used with permission of Pall Corporation.

ence covering applications from laboratory to industrial scale.
odules exist as self-contained units or as modules that require

nsertion into stainless steel housings. Multiple modules can be
onnected together to achieve either higher flow rate or higher
ynamic binding capacity or both.

.5. Processes

.5.1. Flow through applications
Membrane chromatography is emerging as an alternative to

ead-based media for flow-through applications in which buffer
onditions are set to enable binding of impurities while allowing
roduct to flow through the media [53,57]. These applications
an leverage the high linear velocities possible with membranes
hile maintaining the small media volumes generally required

or binding small amounts of impurities in polishing steps.
emoval of DNA, viruses, and endotoxins is typically compara-
le to bead based media whereas clearance of host cell proteins
ay require lower conductivities to achieve the same level of

emoval as bead-based media. Because of the small amount
f media required for flow-through applications it is possible
o use membrane chromatography units as single-use devices.
his eliminates the need for re-use studies at small scale and for

egeneration and sanitization at large scale.
.5.2. Bind and elute applications
Membrane chromatography has also found use in bind-and-

lute applications for large solutes such as DNA, RNA, and
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Fig. 13. Selectivity–permeability trade-off for ultrafiltration membranes using
BSA as a model protein. The selectivity is defined as the reciprocal of the protein
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iruses [58,59]. Most bead-based media have pore sizes that
xclude very large solutes from entering the pores. The dynamic
inding capacity in such media is therefore limited to the outer
urface of the beads. Membrane chromatography provides com-
etitive DBC for such applications. The larger internal surface
rea of beads combined with higher media packing densities
as so far made it difficult for membranes to effectively com-
ete on bind-and-elute applications for smaller solutes in terms
f DBC, number of process cycles, and economics. It is likely,
owever, that such applications will become feasible with new
evelopments in membrane structure and device design.

. Ultrafiltration

.1. Principles

Ultrafiltration is used for protein concentration and buffer
xchange, largely replacing size exclusion chromatography for
uffer exchange at industrial scale [60]. High protein retention is
chieved by using a small pore size membrane, although recent
tudies have demonstrated the potential of exploiting both size
nd electrostatic interactions for enhanced ultrafiltration pro-
esses [9,61].

.1.1. Permeability
The membrane permeability is typically evaluated from the

ater (or buffer) flux as a function of the transmembrane pres-
ure based on Eq. (2). The analysis of data in tangential flow
ltration devices is more complicated since the conversion of
eed flow into filtrate creates a non-linear pressure drop on the
etentate-side of the module. Accurate values of the permeabil-
ty can be obtained by extrapolating a plot of J/�P versus�P to
ero transmembrane pressure. The permeability is determined
y the membrane pore size distribution, porosity, and thickness
s well as the solvent properties. Low ionic strength solutions
ill give slightly lower permeability due to the effects of counter-

lectroosmosis associated with the non-zero streaming potential
8]. The measured permeability scales as the reciprocal of the
olution viscosity, an effect that can be significant with concen-
rated solutions.

Membrane fouling reduces the process permeability com-
ared to the clean membrane value. Process permeability for
olysulfone membranes tend to be lower than those for regen-
rated cellulose due to the greater extent of protein adsorption
n the more hydrophobic polysulfone [9].

.1.2. Size exclusion
Protein retention in ultrafiltration has traditionally been

iewed as a purely size-based exclusion phenomenon. The
ominal molecular weight cut-off (MWCO) provides minimal
nformation on product retention since membranes with the
ame MWCO but different pore size distributions can have very
ifferent behavior at the >99% retention level needed for ultra-

ltration/diafiltration processes. The inherent trade-off between

he hydraulic permeability and protein retention, using bovine
erum albumin as a model protein, is shown in Fig. 13 [61]. The
-axis is simply the reciprocal of the protein sieving coefficient,

8

g

ieving coefficient. The solid curve is a model calculation accounting for steric
nteractions assuming a log-normal pore size distribution. Adapted from Mehta
nd Zydney [61].

hich provides a measure of the selectivity of the membrane
etween a very small solute (sieving coefficient equal to one)
nd the protein of interest. The solid curve is a theoretical cal-
ulation accounting for purely size-based exclusion assuming a
og-normal pore size distribution [61]. Most of the experimen-
al data cluster along this theoretical curve, defining the “upper
ound” for currently available commercial ultrafiltration mem-
ranes. The data points that lie well below the curve are primarily
or track-etch membranes that have a lower porosity and greater
hickness than the asymmetric ultrafiltration membranes.

.1.3. Electrostatic exclusion
Charged proteins in an electrolyte solution are surrounded by

diffuse ion cloud or electrical double layer due to electrostatic
nteractions with the counter-ions and co-ions. Pujar and Zydney
15] have demonstrated that the effective size of the protein is
ncreased by the presence of this diffuse electrical double layer.
dditional electrostatic interactions arise from the increase in

ree energy associated with the distortion of the electrical double
ayer adjacent to the pore wall and from direct charge–charge
nteractions between the charged protein and charged groups on
he membrane surface. These effects can be quite dramatic, with
he sieving coefficient reduced by more than 100-fold due to a
eduction in salt concentration from 100 to 1 mM [14].

The hexagonal symbols in Fig. 13 represent data obtained
or a negatively-charged composite regenerated cellulose mem-
rane produced by chemical attachment of a sulfonic acid
unctionality. This electrically charged membrane has much
etter performance characteristics (high permeability and high
electivity) than any of the commercially available membranes
ue to the strong electrostatic exclusion of the negatively-
harged protein. These electrically-charged membranes can be
sed for enhanced ultrafiltration processes when the conductiv-
ty of the buffer solution is below 50 mS/cm.
.1.4. Mass transfer
The filtrate flux in tangential flow ultrafiltration is typically

overned by concentration polarization effects, which are com-
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Table 2
Effect of buffer conditions on the mass transfer coefficient for a monoclonal
antibody

pH Protein net
charge

Conductivity (mS/cm) Mass transfer
coefficient (L/m2/h)

6 33 1 73
6 33 20 49

High conductivity shields the charge on the protein thereby reducing the diffu-
sion coefficient and in turn the mass transfer coefficient. Using a low pH and
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Fig. 14. Ultrafiltration flux for a monoclonal antibody in a 50 mM histidine
buffer with a 30 kDa composite regenerated cellulose membrane at 23 ◦C (A)
and 37 ◦C (B). The flux increases by almost three-fold due to the mass transfer
coefficient being proportional to the diffusion coefficient to the 2/3 power and the
diffusion coefficient being proportional to the absolute temperature and inversely
proportional to the viscosity [6]. The viscosity was decreased four to five-fold
by increasing the temperature. Data obtained by Charles Winter at Genentech,
Inc.
ow conductivity buffer increases the mass transfer coefficient providing much
igher ultrafiltration fluxes. Data obtained by Data obtained by Amy Len and
obert van Reis at Genentech, Inc.

only described using the classical stagnant film model [5]:

= k ln

(
Cw − Cf

Cb − Cf

)
(10)

here k is the protein mass transfer coefficient in the particular
embrane module and Cw, Cb, and Cf are the protein concen-

rations at the membrane surface, in the bulk solution, and in the
ltrate, respectively. The mass transfer coefficient is a function
f the device geometry, hydrodynamics, and protein diffusion
oefficient. The protein diffusion coefficient in turn depends on
he protein charge (pI and pH), buffer conductivity, and protein
oncentration. These effects can be quite pronounced, with the
ass transfer coefficient varying by as much as a factor of two

n different buffers due to the differences in protein charge and
ntermolecular electrostatic interactions (Table 2). The diffusion
oefficient is also proportional to the absolute temperature and
nversely proportional to the viscosity, which itself is a strong
unction of temperature. This can result in large increases in mass
ransfer coefficient and hence filtrate flux at higher operating
emperatures as shown in Fig. 14.

The mass transfer coefficient can be experimentally deter-
ined as described in Section 8.3. In addition, mass transfer

oefficients and channel pressure differentials can be calculated
s follows:

= β ∗Q (11)

P = constant ∗Qα (12)

here α= 1 for laminar flow, α= 1–2 for transition zone (typ-
cal value for screened channel is α= 1.3) and α= 2 for fully
urbulent flow. Eq. (11) is approximate and is valid only over a
imited range of feed flow rates. The parameter β is a function
f the detailed geometry of the screen. Typical data are shown
n Fig. 15, with the mass transfer coefficients at high feed flow
ates differing by as much as a factor of three. It should be noted
hat at constant feed flow rate and high conversion ratios (filtrate
ate/feed flow rate) the mass transfer coefficient will decrease
long the length of the module due to the reduction in the local
etentate flow rate.

The protein concentration at the membrane surface increases

ith increasing filtrate flux, which may result in an increase in
rotein transmission. In addition, the osmotic pressure increases
hereby reducing the effective pressure driving force for fil-
ration. Since the osmotic pressure of a concentrated protein

Fig. 15. Protein mass transfer coefficients for a monoclonal antibody as a func-
tion of area-normalized feed flow rate for UF cassettes with three different
retentate screens. Data obtained by Aaron Pruett, Poonam Mulherkar, and Robert
van Reis at Genentech, Inc.
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Fig. 16. (A) Regenerated cellulose membrane provides very low fouling
(0–20%) chemistry for ultrafiltration membranes with complete cleaning (100%
of original permeability) using 0.1N NaOH at ambient temperature). (B) Com-
posite regenerated cellulose also provides defect-free active layer with robust
bond between the cellulose ultrafiltration layer and the polyethylene micro-
porous substrate to prevent delamination due to inadvertent reverse pressure
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olution has a highly non-linear dependence on the protein
oncentration [62], the transmembrane pressure increases dra-
atically when the flux approaches a critical value, which is

ypically referred to as the pressure-independent flux. High pro-
ein concentrations can also reduce the membrane permeability
hrough irreversible fouling or through the formation of a protein
el or cake on the membrane surface. In this case, the pressure-
ndependent flux is determined by the protein solubility or gel
oncentration.

.2. Membranes

.2.1. Flat sheet
Flat sheet ultrafiltration membranes are cast from a vari-

ty of polymers, including polysulfone, polyethersulfone, and
egenerated cellulose. These membranes have an asymmetric
skinned) structure, with the thin skin providing the desired
electivity while the more porous substructure provides the
ecessary mechanical support. Synthetic polymers have high
hermal stability and chemical resistance, allowing the use of
airly harsh cleaning chemicals. Regenerated cellulose mem-
ranes (Fig. 16A) are more hydrophilic, reducing both protein
dsorption and fouling. New composite regenerated cellulose
embranes (Fig. 16B) have excellent mechanical strength and

ause very little fouling, providing higher flux and better reten-
ion characteristics than other membrane chemistries [9].

.2.2. Hollow fiber
Hollow fiber ultrafiltration membranes are made from similar

olymers as their flat sheet counterparts. These membranes are
elf-supporting, so they can be cleaned by backflushing. Hollow
ber devices do not need spacers or multiple sealing procedures,
hich reduces labor costs involved in assembly, but the lack of

pacers typically results in somewhat lower mass transfer coef-
cients. Fiber breakage can also be a problem, thus it is critical

o follow the manufacturer’s recommendations with respect to
perating pressures.

.3. Modules

Hollow fiber, flat-sheet cassettes, spiral wound cartridges,
ubular modules, and enhanced mass transfer devices have all
een developed for ultrafiltration. These modules provide phys-
cal separation of the retentate and filtrate streams, mechanical
upport for the membrane (if needed), high membrane packing
ensities (membrane area per device volume), easy access for
leaning and replacement, and good mass transfer characteris-
ics. Spiral wound modules are subject to plugging, are more
ifficult to clean, and have a more limited range of scalabil-
ty than hollow fiber modules or flat-sheet cassettes. Rotating
nd Dean vortex systems have also been developed for ultrafil-
ration. These devices have high mass transfer coefficients but
ower packing densities [63], and they can be difficult to scale-up
or down) due to changes in hydrodynamic conditions [9].
.3.1. Linear scale cassettes
The most effective approach to scale-up of ultrafiltration

evices is linear scaling in which the pressure, fluid flow, and

c
t
r
(

pikes. Scanning electron micrographs used with permission of Millipore Cor-
oration.

oncentration profiles along the length of the filtration module
emain constant when changing scale of operation [64]. Linear
caling can only be achieved by keeping the channel length con-
tant, with the area changed by increasing (or decreasing) the
umber of fibers or parallel channels. It is also possible to change
he channel width in flat-sheet cassettes, although some care

ust be taken to ensure uniform flow distribution. Equal flow
istribution among channels (or fibers) is achieved using appro-
riate piping manifolds and proper design of entrance and exit
egions. Linear scale flat-sheet cassettes have been developed
pecifically for bioprocessing applications that provide 1000-
old scaling of ultrafiltration processes with consistent product
ield and process flux [64]. Recent developments include auto-
ated manufacturing of robust third generation thermoplastic
assettes covering a range of linear scale modules from 100 cm2

o 1 m2 with built-in gaskets, tight tolerances for pressure drop,
educed parasitic pressure losses, and high pressure capability
up to 7 × 105 Pa (7 bar)) as shown in Fig. 17.
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Fig. 17. Linear scale ultrafiltration cassettes with constant channel length and
mass transfer coefficient (same turbulence promoting screen and channel com-
pression) can provide thousand-fold linear scale-up of ultrafiltration processes.
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Fig. 18. High concentration UF system with 250 m2 membrane area. New tank
design with a retentate lift tube combined with close-coupling of all feed and
retentate components in a vertical arrangement resulted in a minimum operating
volume (including product in the recycle tank) while maintaining good mixing,
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wenty-thousand-fold linear scale-up is possible with new linear scale devices
uch as Millipore Pellicon® 3 cassette. Photo used with permission of Millipore
orporation.

.4. Equipment

Large-scale ultrafiltration systems used in biotechnology
ere originally based on equipment used in the food and dairy

ndustries. This equipment posed several significant limitations.
anitary design was not suitable for processing of human phar-
aceuticals, cleaning procedures were cumbersome, and the

ystems lacked the ability for linear scaling (see previous sec-
ion). Polysulfone membranes were mechanically robust but
asily fouled and were difficult to clean. Cellulose membranes
ere low fouling and easy to clean but were very prone to
elamination with costly yield losses and plant down-time. All
f these issues were resolved by: (1) developing mechanically
obust composite regenerated cellulose membranes (Fig. 16B),
2) introducing simple and effective sanitizing (peroxyacetic
cid) and storage solutions (0.1N NaOH), and (3) developing
inear scale-down and scale-up versions of the modules. Hous-
ng design was converted from a horizontal to a vertical design,
lignment rods were introduced to avoid offsets between cas-
ettes, internal bores were increased to match processing flow
ates, and ports were redesigned to adapt to industrial piping
esigns.

The advent of high dose products (>100 mg/mL protein con-
entrations) with annual metric ton production requirements has
ed to the development of larger housings (up to 4 in. internal
ore with a 6 high holder design and 10 cassettes per side),

arger systems (6 in. pipe and 2800 ft2 surface area) and low hold-
p volume designs (total minimum operating volumes down to
6 mL/ft2). A low hold-up volume design was achieved using
everal new design concepts (Fig. 18). The recycle tank was re-

p
m
v
v

inimal short-circuiting of retentate to feed, and no air entrainment. Photo used
ith permission of Genentech, Inc. and Millipore Corporation.

esigned so that it consists of a cylinder and cone with the height
f the cylinder and the height of the cone equal to the radius
f the cylinder. The outlet of the tank is at the bottom of the
one as in conventional tank design but the retentate tube enters
hrough the bottom of the cone, instead of the traditional dip-tube
esign which normally enters through either the top or side of the
ylinder, thereby minimizing hold-up volume. The retentate tube
as a tee outlet instead of straight pipe. This aids in good mix-
ng within the tank without short-circuiting back into the tank
utlet and without air entrainment at low operating volumes.
he mixer location, angle, and rotation (up-pumping instead
f down-pumping) were optimized using pilot and full scale
ixing studies to ensure good mixing during concentration and

iafiltration. The mixer is not used during final concentration.
eed and retentate piping were minimized by close-coupling all
omponents in a vertical design. The tank outlet valve was con-
ected directly to the feed pump via a 90◦ elbow (to facilitate
ump maintenance). The pump was connected directly to a flow

eter, cross (pressure switch and sample valve) and isolation

alve mounted directly on the top of the cassette holder. Con-
entional designs have the feed entering through the bottom of
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Fig. 19. Hold-up volume for old and new UF systems. The y-axis is on a rel-
ative scale with 100 corresponding to the total volume of the old UF system.
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ata obtained by Leah Frautschy, Chris Dowd, Doug Harris, and Robert van
eis at Genentech Inc. and Aline Kurljian and Elizabeth Goodrich at Millipore
orporation.

he holder, which adds a significant amount of pipe. Priming of
he vertical pipe design was verified, and air entrainment was
liminated, using buffer prior to introduction of protein into the
ystem. Pressure transducers for feed, retentate, and filtrate were
ocated directly on the holder. The need for long pipe lengths
efore and after the flow meter were eliminated by recogniz-
ng that the application only required accuracy at 50–100% of
he flow rate range. The cassette holder was used as part of the
ecycle loop and the retentate line included only the holder isola-
ion valve, product transfer/buffer addition valve, tank isolation
alve with integrity test nitrogen valve, and a short pipe section
o match the height of the feed line components. Upper and lower
ltrate valves were used for process and drain phases, respec-

ively. A product recovery valve was located on the bottom of
he holder further eliminating pipe (normally inserted into recy-
le loop) and improving product recovery. Product recovery is
ccomplished by buffer displacement in a completely vertical
esign with lower density buffer chasing higher density protein
olution. Fig. 19 shows the distribution of hold-up volume com-
ared with a conventional design. The new system has one-third
ess hold-up volume, with the most significant reductions in the
ank and piping.

.5. Process configurations and diafiltration

Ultrafiltration processes are typically carried out as a Fed
atch operation (Fig. 20A) if large concentration factors are

equired, followed by Batch operation (Fig. 20B). If buffer
xchange is required this is typically carried out as a constant
etentate level diafiltration operation (Fig. 20C). Diafiltration is
erformed at an optimum bulk concentration. Final concentra-
ion is then performed in batch mode.

The concentration of solutes during constant volume diafil-
ration is given by:

= C e−SN (13)
0

here C is the solute concentration, C0 is the initial concentra-
ion of the solute, S is the sieving coefficient for the solute, and N
s the number of diavolumes (buffer volume divided by retentate

g
fl

t

ig. 20. (A) Fed Batch ultrafiltration operation for a retained product. (B) Batch
ltrafiltration operation for a retained product. (C) Diafiltration operation for a
etained product.

olume). Sieving of even very small solutes may not equal unity
ue to Donnan effects or due to inclusion in detergent micelles
if used). Clearance of small molecules may not follow the theo-
etically predicted value even when sieving is unity. An example
s shown in Figs. 21 and 22 where citrate clearance was reduced
ue to equilibrium binding to a retained protein. This effect was
ot seen with HEPES or TRIS.

.6. Process optimization and control

Ultrafiltration has traditionally been operated using either
onstant retentate pressure or constant transmembrane pres-
ure with either manual or automated systems. Both methods
rovide simple process control. Process optimization has tradi-
ionally been accomplished by empirical investigation of feed
ow rate, retentate (or transmembrane) pressure, and diafiltra-

ion bulk concentration. Equations for mass transfer as a function
f feed flow rate have been developed for several feed channel

eometries and can be used to aid in optimization of the feed
ow rate.

Increasing mass transfer with either feed flow rate or through
he use of turbulence promoters (feed channel screens) also
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Fig. 21. Clearance of small molecules from a 48 kDa antigen binding fragment
protein. Clearance of the multivalent citrate ion (filled squares and triangles) is
reduced due to equilibrium binding to the protein. Diavolume denotes ratio of
buffer volume added (equal to filtrate volume removed) to total retentate volume.
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enultimate buffer with pH 6.2 and conductivity = 1.5 mS/cm and diafiltration
uffer with pH 5.5 and conductivity = 0.7 mS/cm. Data obtained by Chithkala
arinarayan and Robert van Reis at Genentech, Inc.

eads to increased channel pressure drop which must be taken
nto account in the overall process design. Systematic studies
f the effect of different screens and screen orientation have
ontributed to the optimization of screened channel UF devices
65,66].

Ng et al. [67] demonstrated that the stagnant film model
redicts an optimum bulk concentration for diafiltration:

∗
b = Cw

e
(14)

here C∗
b is the optimum bulk concentration for diafiltration

minimizing either process time or membrane area for a given
umber of diavolumes), Cw is the solute concentration at the

embrane wall, and e is the natural logarithm base. Since Cw is

ot a priori known one must perform empirical studies of flux
s a function of bulk concentration and determine the trade-off
etween flux and diafiltration volume.

ig. 22. Clearance of citrate ions from a 48 kDa antigen binding fragment pro-
ein solution is protein concentration dependent due to ion-protein equilibrium
inding. The diafiltration process was improved by replacing the citrate (multi-
alent) buffer in the previous chromatography step with an acetate (monovalent)
uffer which did not exhibit any binding to the protein. Diavolume denotes ratio
f buffer volume added (equal to filtrate volume removed) to total retentate vol-
me. Data obtained by Chithkala Harinarayan and Robert van Reis at Genentech,
nc.

p
t
v
t
t

t
l
c
o
T
b
e
d
t
t
C
d
t
i
a
l
i
m

brane Science 297 (2007) 16–50 39

From this it also follows that the optimal flux during diafil-
ration [9] is:

∗ = k (15)

here k is the mass transfer coefficient. Recent studies have
xtended this analysis to include the effects of solute binding to
he product on the optimal bulk concentration and flux [68].

An alternate method of process control using constant Cwall
as been developed and implemented at industrial scale [69].
wall control provides more robust operation with better repro-
ucibility, higher product yields, and larger operating flux
ompared to conventional constant pressure operation. By deter-
ining the mass transfer coefficient, osmotic virial coefficients,

nd fouled membrane resistance it is possible to optimize the
ltrafiltration process without extensive empirical studies. The
ffect of changing process or plant parameters can readily be
odeled without additional experimentation. Constant Cwall
ethodology can also be used to limit the maximum protein

oncentration at the wall to avoid exceeding solubility limits
nd guard against protein aggregation.

Several recent developments in Cwall methodology have
ed to improvements in both parameter determination as well
s process control. The initial methodology used a step-wise
etermination of fouled membrane permeability (experimen-
al), osmotic virial coefficients (fitting flux and transmembrane
ressure data at several bulk concentrations to the osmotic pres-
ure model), and determination of the mass transfer coefficient
also from fitting flux versus pressure data). The methodology
as subsequently automated by fitting all of the parameters

o the combined stagnant film and osmotic pressure models
sing flux versus transmembrane pressure data sets obtained
t multiple bulk concentrations. A significant improvement in
arameter accuracy was obtained with two modifications to
he methodology. Direct measurement of both osmotic pressure
irial coefficients and fouled membrane permeability reduced
he inherent errors associated with fitting multiple parameters to
he mathematical model.

A more fundamental change resulted from a revised evalua-
ion of protein concentration polarization. A significant body of
iterature exists that explores mathematical models [5,70], physi-
al interpretation of experimental data [6], and a limited amount
f direct measurements of concentration polarization [71,72].
he presence or absence of a limiting concentration (“gel”) has
een explored mostly from the perspective of interpreting math-
matical models based on predictions of filtrate flux data. Recent
ata on monoclonal antibodies supports a limiting concentration
hat depends on protein net charge and buffer pH and conduc-
ivity albeit without direct spectrophotometric evidence. Initial
wall methodology used flux versus transmembrane pressure
ata sets in the pressure-dependent regime to avoid any poten-
ial changes in fouled membrane permeability. A limiting flux
n the pressure-independent regime is, however, consistent with
limiting Cwall concentration. This is turn should result in a
imiting fouled membrane resistance. Regardless of the phys-
cal phenomena, a limiting flux can be used to determine the

ass transfer coefficient as the absolute value of the slope of
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Fig. 23. Filtrate flux as a function of the logarithm of the bulk protein concen-
tration in the pressure-independent regime. The slope provides a measure of the
mass transfer coefficient and the zero-flux intercept gives the maximum Cwall
for the given buffer. Data obtained with a monoclonal antibody at pH 4.9 (pro-
tein net charge = 58 based on amino acid sequence) and a buffer conductivity
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f 3.5 mS/cm using a Millipore Pellicon 3 Micro device (88 cm2) at a feed flow
ate of 324 L/m2 h. Data obtained by Khoi Thai, Nuno Fontes, and Robert van
eis at Genentech, Inc.

ux versus the logarithm of the bulk concentration as shown in
ig. 23. The flux = 0 intercept of this line also provides the max-

mum Cwall that is achieved in the pressure-independent part of

he flux versus TMP curve.

Fig. 24 shows a plot of the required membrane area and the
equired diafiltration buffer volume as a function of the bulk
rotein concentration at which the diafiltration is performed.

ig. 24. Optimization of bulk concentration and buffer consumption for a 2-h
iafiltration process with C0 = 3 g/L, V0 = 3000 L, k = 30 L/m2 h and 10 diavol-
mes. Curves represent model calculations with different wall concentrations.
he data are based on a monoclonal antibody with a penultimate buffer pH of
and conductivity of 7 mS/cm and a diafiltration buffer with pH 6.5 and con-

uctivity of 20 mS/cm. Due to high conductivity the mass transfer coefficients
ere 30 L/m2 h for both buffers. Higher Cw values provide a broader optimum

nd increased ability to reduce membrane area and diafiltration buffer volume
dashed line). Data obtained by Amy Len, Chithkala Harinarayan, and Robert
an Reis at Genentech, Inc.
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alculations were performed for a fixed process time and num-
er of diavolumes, corresponding to a fixed degree of small
olecule clearance. Increasing Cb initially reduces the mem-

rane area since less buffer volume is needed to achieve the
ame impurity removal. Very high bulk concentrations lead to an
ncrease in membrane area due to the reduction in flux. The opti-

um C∗
b range, corresponding to the minimum membrane area,

s wider at higher Cw values. Higher Cw also provides greater
exibility for a trade-off between membrane area and buffer con-
umption. Practical limits of minimum and maximum retentate
olume, buffer tank size, UF system size, and membrane and
uffer cost must also be taken into account.

The mass transfer coefficient depends on a number of param-
ters as outlined in Section 8.1. In general, mass transfer
oefficients for proteins increase at lower buffer conductivity
nd as the absolute difference between pH and pI increases.
his is due to an increase in diffusion coefficient with increased
et charge. The charge effect is mitigated by charge shielding at
igher conductivity. Mass transfer coefficients for monoclonal
ntibody monomers typically range from 30 to 55 L/m2/h as
hown in Table 2.

Extensive experience has demonstrated that protein aggrega-
ion in UF systems is primarily due to protein–oxygen interfaces
aused by micro-cavitation in pumps and valves. Nitrogen-
parged solutions and nitrogen overlay virtually eliminates
rotein aggregation. Nitrogen overlay can also be used to con-
rol retentate pressure instead of a retentate control valve but
perator safety must be considered (oxygen deprivation when
pening large tanks with gas overlay). In practice, the amount of
nsoluble protein aggregates generated during UF is insignificant
ith respect to process yield. Turbidity of ultrafiltered protein

olutions may still be high due to the dependence of scattered
ight on particle size. Fortunately, sterile filters provide an excel-
ent means for removal of insoluble protein aggregates. While
he amount of insoluble aggregates represents an insignificant
mount of the total protein mass these feed steams do require
fair amount of sterile filter surface area for processing. The

evelopment of new high capacity sterile filters aid in such pro-
esses (see Section 3.2). Experience with a large number of
onoclonal antibodies demonstrates that generation of soluble
ultimers in UF is generally not an issue, with the measured
ultimer content before and after UF often within the accuracy

f the assay (fractions of a percent).

. High performance tangential flow filtration

.1. Principles

High performance tangential flow filtration is an emerging
echnology that uses semipermeable membranes for the sepa-
ation of proteins without limit to their relative size [73,74].
his is in sharp contrast to conventional ultrafiltration processes

hat are generally thought to require a 10-fold difference in

ize for effective separation. HPTFF has been used to sepa-
ate monomers from oligomers based on their difference in
ize [73], protein variants differing at only a single amino acid
esidue [75], and an antigen binding fragment from a similar
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charged protein accounts for the presence of a diffuse electrical
double layer surrounding the protein [15]. Increasing the pro-
tein charge, or reducing the solution ionic strength, increases the
effective volume thus reducing protein transmission through the

Fig. 26. (A) Sieving of a 20 mg/mL monoclonal antibody solution with Chinese
hamster ovary protein (CHOP) impurities as a function of flux at pH 5 and
pH 7 without co-current filtrate flow. Data obtained by Ailen Sanchez, Vassia
Tegoulia, and Robert van Reis at Genentech, Inc. (B) Sieving of a 20 mg/mL
monoclonal antibody (MAb) (closed symbols) solution with Chinese hamster
ovary protein impurities (open symbols) as a function of flux at pH 5 and pH
7 with co-current filtrate flow. MAb sieving is reduced by more than 10-fold
by using co-current filtrate flow while CHOP sieving remains high. The higher
resolution separation is obtained by generating an even flux profile along the
ig. 25. Comparison of flow and pressure profiles for conventional TFF modu
ressure throughout the module.

ize impurity [7]. HPTFF can potentially be used throughout
he purification process to remove specific impurities (e.g., pro-
eins, DNA, or endotoxins) and/or eliminate protein oligomers or
egradation products. In addition, HPTFF can effect simultane-
us purification, concentration, and buffer exchange, providing
n opportunity to combine several different separation steps into
single scalable unit operation. The high selectivity in HPTFF
rocesses is obtained by exploiting a number of different phe-
omena as described in the following sub-sections.

.1.1. Flux-TMP regime
As originally described by van Reis [76], HPTFF provides

igh selectivity by operating in the pressure-dependent regime
t or below the “transition point” in a plot of filtrate flux
ersus transmembrane pressure. This minimizes fouling and
xploits the effects of concentration polarization to increase the
electivity compared to that seen in the pressure-independent
egime.

.1.2. Co-current flow
Since the selectivity in HPTFF is a function of the local

ltrate flux, and thus the local transmembrane pressure, the
electivity can be further improved by maintaining a nearly
niform transmembrane pressure throughout the module. Con-
entional membrane modules typically have a large variation
n transmembrane pressure drop due to the parasitic pressure
osses associated with flow along the retentate channel. A simple
pproach for minimizing this transmembrane pressure varia-
ion is to establish a co-current flow on the filtrate side of the

embrane by using a recirculation pump to generate a pres-
ure gradient in the filtrate channel that balances the gradient
n the retentate (Fig. 25). Experimental data demonstrating the

ffect of co-current filtrate flow is shown in Fig. 26A and B.
he selectivity, defined as the ratio of the sieving coefficient for

he impurity to that of the product, is 10-fold larger when using
o-current flow.

l
o
p
o
I

d a module using co-flow arrangement to maintain a uniform transmembrane

.1.3. Buffer effects
A series of studies by Zydney and co-workers demonstrated

hat significant improvements in performance could be obtained
y controlling buffer pH and ionic strength to maximize dif-
erences in the effective volume of the product and impurities
15,74,77]. As discussed previously, the effective volume of a
ength of the filtration module thereby operating the entire membrane at an
ptimum flux. An alternate method of improving the flux profile is to reduce the
ermeability of the membrane without changing the pore size distribution. Data
btained by Ailen Sanchez, Vassia Tegoulia, and Robert van Reis at Genentech,
nc.
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embrane. Optimal performance is typically attained by oper-
ting close to the isoelectric point (pI) of the lower molecular
eight protein and at relatively low salt concentrations (around
0 mM ionic strength) to maximize electrostatic exclusion of the
ore retained species [74].

.1.4. Membrane charge
Direct charge effects can be further exploited by using a

embrane that has an electrical charge to increase the reten-
ion of all species with like-polarity. Thus, a positively charged

embrane will provide much greater retention of a positively
harged protein than will a negatively charged or neutral mem-
rane of the same pore size [8]. Note that it may be possible
o exploit electrostatic interactions even for solutes with identi-
al pI due to the different charge–pH profiles for the different
pecies and the combined effects of protein charge and size on
rotein transmission through the membrane.

.1.5. Membrane pore size distribution
The membrane pore size distribution affects the selectivity

y altering the solute sieving coefficients and the filtrate flow
istribution. Theoretical calculations have demonstrated that
limination of large defects and reductions in the breadth of the
ore size distribution can significantly improve the performance
f HPTFF processes. However, the use of charged membranes
rovides an additional robustness to the process that would not
e obtained using neutral membranes, lessening the importance
f the pore size distribution. Future improvements in HPTFF
echnology will likely be focused on controlling the pore size
istribution in electrically-charged membranes.

.2. Membranes

Although a variety of membrane polymers and geometries
ould potentially be used for HPTFF, most of the work to date
as focused on the use of flat sheet composite regenerated cellu-
ose membranes that have been surface-modified to covalently
ttach either quaternary amine or sulfonic acid groups to pro-
ide the desired positive or negative charge, respectively. These
embrane have excellent mechanical strength, cause little foul-

ng, and provide high selectivity by exploiting both size and
harge effects.

.3. Modules

Membrane cassettes for HPTFF are similar to those used
n ultrafiltration. Modules are specifically designed to provide
inear scaling from very small modules suitable for process
evelopment (A < 50 cm2) to large commercial scale devices
apable of processing 15,000 L in 3 h. HPTFF modules are used
ith a special holder that provides access to filtrate ports at both

nds of the module to achieve the desired co-current flow.
.4. Equipment

HPTFF uses the same equipment that has been installed in
umerous small and industrial scale ultrafiltration systems (see

a
a

P

ig. 27. Closed-loop two stage HPTFF system. Product in the first stage filtrate
s continuously concentrated in the second stage while filtrate from the second
tage is recycled and used as diafiltration buffer in the first stage.

ection 8.4). If co-current filtrate flow is required this can be
ccomplished by the addition of a co-flow loop and pump on the
ltrate side. Some ultrafiltration cassette holders also require
n adapter plate to separate the inlet and outlet filtrate streams.
he hold-up volume associated with the co-flow loop should
e minimized to reduce mixing of filtrate and filtrate recycle
treams if it is desirable to track impurity levels in the filtrate.

.5. Processes

.5.1. Single stage
The most common application of HPTFF involves single

tage systems in which the product is retained by the membrane
hile impurities pass through. These systems are completely

nalogous to conventional UF systems with the possible addition
f a filtrate co-flow loop (Fig. 25).

.5.2. Cascades
Two-stage cascade systems may be used when the product is

n the filtrate. An example of a closed-loop two-stage HPTFF
ystem is shown in Fig. 27. An example of a process using a two-
tage HPTFF system is purification of albumin monomer from
ultimers. Albumin monomer passes through the first stage
embrane while multimers are retained. The second stage mem-

rane retains the monomer and filtrate is recycled (closed-loop)
ack to the first stage recycle tank and used as the diafiltration
uffer thereby drastically reducing buffer consumption. Cheang
nd Zydney [78] also used a two-state HPTFF process to purify
-lactoglobulin and �-lactalbumin from whey protein isolate.

.5.3. Process optimization

.5.3.1. Optimization equations. HPTFF is optimized by deter-
ining the best trade-off between yield and purity while
inimizing membrane area and buffer consumption and main-

aining an acceptable process time. A set of optimization
quations (and/or diagrams) have been developed [79] that relate

ll of these parameters to the selectivity and mass throughput for
product collected in the retentate:

R = Y
1−ψ
R = exp(N �S) (16)
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Fig. 28. (A) Optimization diagram for a retentate product showing
trade-off between yield and purification factor as a function of selec-
tivity = Simpurity/Sproduct and mass throughput = N�S where N = JAt/V with
J = filtrate flux, A = membrane area, t = diafiltration time, and V = retentate vol-
ume. From van Reis and Saksena [79]. (B) Optimization diagram for a filtrate
product showing trade-off between yield and purification factor as a function
o
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Table 3
Monoclonal antibody product purity for an affinity process using Protein-A
resin, cation exchange resin (bind/elute mode), anion exchange resin (flow-
through mode), and ultrafiltration/diafiltration and a non-affinity based process
using cation exchange resin, anion exchange resin, and HPTFF

Analyte Affinity process HPTFF process

Host cell proteins <1 ppm <1 ppm
D
M
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f selectivity = Simpurity/Sproduct and mass throughput = N�S where N = JAt/V
ith J = filtrate flux, A = membrane area, t = diafiltration time, and V = retentate
olume. From van Reis and Saksena [79].

nd for a product collected in the permeate:

p = Yp

1 − (1 − Yp)1/ψ = Yp

1 + (Yp − 1) exp(N �S)
(17)

he selectivity (ψ) is defined as the ratio of the sieving coefficient
or the impurity to that of the product. The throughput is equal
o the number of diavolumes (N) multiplied by the difference
n the sieving coefficients for the impurity and product (�S).
ig. 28A and B show optimization diagrams, with the product
ield plotted as a function of the purification factor for different
alues of the selectivity and throughput.
.5.3.2. Operating parameters. HPTFF is optimized by mea-
uring product and impurity sieving coefficients as a function
f flux. The selectivity (ψ) and throughput parameter (N�S)

a
(
b
p

NA <0.003 ppm <0.006 ppm
Ab monomer 99.8% 99.5%

ata obtained by Bénédicte Lebreton and Robert van Reis at Genentech, Inc.

an then be plotted as a function of transmembrane pressure,
ith the best trade-off between selectivity and throughput then
etermined using the optimization equations or diagrams.

Several other parameters will also influence the selectivity
nd throughput. Buffer pH, conductivity, and ionic species play a
ritical role. In general, higher conductivities will shield charges
n proteins and reduce the selectivity. This may be less important
hen separating monomer and multimers or other species with

imilar net charge.
The following guidelines apply to HPTFF separations in

hich the product is in the retentate and the impurities are in
he filtrate. Buffer pH values distant from the product pI will
educe product sieving and enhance yields. Buffer pH values
lose to the pI of the impurity will enhance sieving and improve
urity. A pH between the product and impurity pI values (and
enerally closer to the impurity pI) will typically give the best
esults. If multiple impurities are present it may also be advan-
ageous to use either a step or continuous pH gradient during
iafiltration. When the impurity pI values are less than the prod-
ct pI, the pH gradient should generally be run from low to high
H so that impurities are always either positively charged or
eutral before being removed thereby avoiding the potential for
inding impurities to the positively charged membrane.

Membrane pore size and ligand density are also key param-
ters. A good starting point is to use a pore size of 100 kDa for
ntigen binding fragments (Fab) and 300 kDa for monoclonal
ntibodies. Increased ligand density will generally increase the
uffer conductivity that can be used while maintaining prod-
ct retention and enhancing impurity removal. Fig. 29 shows a
on-reduced SDS-PAGE gel comparing the performance of a
on-affinity monoclonal antibody purification process using an
PTFF step with that of a process using Protein A affinity chro-
atography for the bulk of the purification. The final product

ools have nearly identical product profiles and impurity lev-
ls (Table 3), demonstrating the capability of using HPTFF for
rotein purification.

Buffer species play a key role in selectivity and throughput.
onovalent buffer ions are generally preferred since multivalent

ons may bind to both proteins and membranes thereby reducing
he net charge on both. For specific applications, however, this
an leveraged as an advantage. It is also possible to first retain
he product of interest with a monovalent buffer species (such

s acetate) while removing lower molecular weight impurities
for example host cell proteins) and then switch to a multivalent
uffer species (such as citrate) and enable the product to be trans-
orted through the membrane while retaining larger molecular
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Fig. 29. Non-reduced SDS-PAGE gel comparing performance of non-affinity
and protein-A affinity purification processes for a monoclonal antibody. All
bands in the final pools are product-related as determined by mass spectrom-
etry. Lane 1: Molecular weight standards, 2: Harvested cell culture fluid, 3:
bulk purified by cation exchange chromatography, anion exchange chromatog-
raphy, and HPTFF, 4: bulk purified by protein-A affinity chromatography,
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ation exchange chromatography, anion exchange chromatography, and ultra-
ltration/diafiltration. Results from Bénédicte Lebreton and Robert van Reis at
enentech, Inc.

eight impurities (such as viruses, DNA, product multimers, and
arger host cell proteins). Various non-ionic additives can also
e used to enhance the separation without affecting the buffer
onductivity.

The protein concentration during HPTFF diafiltration should
e optimized for selectivity, throughput, and operating param-
ters (see Section 8.5). The feed flow rate can also be varied.
f experiments are performed with co-current filtrate flow, the
esults without co-flow can be estimated by integrating over the
ength of the device based on curves showing selectivity and
hroughput as a function of TMP using the known TMP profile
or the same device when operated without co-current filtrate
ow.

0. Membrane characterization
0.1. Integrity tests

Integrity testing is critical for all membrane filters to insure
hat the system operates at the required level of performance.

t
s
o
a

brane Science 297 (2007) 16–50

his is particularly true for critical unit operations like virus
emoval and sterile filtration. A number of non-destructive
ntegrity tests have been developed based on the displacement
f a fluid from the pores by a second fluid (or gas), with the rate
f displacement providing a measure of the membrane retention
haracteristics and/or the presence of large defects.

0.1.1. Bubble point
The bubble point is determined by measuring the gas flow

ate through a fully wetted membrane at progressively increas-
ng levels of pressure [80]. The bubble point is defined as the
ressure at which the liquid filled pore is first intruded by a gas.
n small modules, the bubble point can be observed by a vig-
rous stream of bubbles exiting the membrane on the filtrate
ide. For large modules, the bubble point is typically identified
y an inflection in the flow rate versus pressure curve indica-
ive of liquid displacement from the largest pores. Bubble point

easurements are primarily used for microfiltration membranes,
hich typically have bubble points in the 0.2 × 105–8 × 105 Pa

0.2–8 bar) range for 0.65–0.1 �m pore sizes using water as the
etting fluid.

0.1.2. Gas diffusion
Air diffusion measurements (also known as the forward flow

est) are performed at a single pressure that is typically chosen at
pproximately 80% of the expected bubble point pressure (based
n the maximum pore size or the size of the defects of great-
st interest). The air flow rate through the wetted membrane is
easured using an inverted graduated cylinder or an appropriate
ow meter. Flow rates that exceed the manufacturer’s specifica-

ions indicate the presence of defects that are large enough for
he bubble point to be exceeded.

0.2. Porosimetry

Mercury porosimetry can be used to evaluate the pore vol-
me distribution [81]. Mercury is a non-wetting fluid for most
urfaces, thus the intrusion of mercury into the pores is a func-
ion of the applied pressure. The volume of intruded mercury
t each pressure provides a measure of the volume distribution.
ercury porosimetry data can be difficult to interpret for mem-

ranes with significant pore throats since the volume behind the
hroat is measured at the intrusion pressure associated with the
onstricted diameter of the throat. In addition, the membranes
ust be characterized dry and mercury intrusion requires high

ressures, both of which can alter the pore structure. Mercury
orosimetry is most suitable for characterization of inorganic
embranes with very stable structures.

0.3. Liquid–liquid integrity tests

Liquid–liquid integrity tests using fluids with very low inter-
acial tension can be used to identify the presence of defects

hat could not be identified using bubble point measurements
ince the required pressures would exceed the pressure ratings
f the membrane and/or device [82]. The most common liquids
re immiscible mixtures of alcohol and water or the two phases
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Fig. 30. Membrane characterization using the FlexTest employing fluorescently
tagged and positively charged dextrans as highly retained solutes and neutral
dextrans as passing solutes. Data obtained with a positively charged 300 kDa
composite regenerated cellulose HPTFF membrane. Subpart (A) shows neutral
dextrans (solid line) and fluorescent tagged positively charged dextrans (dotted
line) on a 100 kDa positively charged composite regenerated cellulose mem-
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roduced by a mixture of ammonium sulfate, polyethylene gly-
ol, and water. The flow rate of the intrusion fluid is evaluated
t a specified transmembrane pressure for a membrane that has
een thoroughly flushed with the wetting fluid. The module is
hen flushed with buffer, with the buffer flow rate evaluated at
he same pressure. The CorrTest value (CTV) is defined as the
ogarithm (base 10) of the ratio of the buffer flow rate to the Cor-
Test fluid flow rate. CTV below a critical level are indicative of
embrane failure.

0.4. Streaming potential

The streaming potential provides a measure of the membrane
urface charge. Data can be obtained for flow along (tangential
o) the membrane surface or for flow through the membrane
ores. The streaming potential is defined as the voltage that
evelops to balance the net convective flux of counter-ions
hrough the pores (or along the surface) of an electrically charged

embrane. The voltage can be measured by Ag/AgCl electrodes
s a function of the transmembrane pressure, with the slope of
he resulting data used to evaluate the membrane zeta potential
nd surface charge density [83].

0.5. Dextran sieving

Ultrafiltration membranes are often characterized using
ither two proteins of different molecular weight (one retained
nd one passing solute) or using a mixture of dextrans covering
large molecular weight range. When using proteins it is impor-

ant to note the pH and conductivity as these have a significant
mpact on the hydrodynamic volume and hence sieving of the
roteins [15]. With both methods it is also important to note the
ass transfer conditions. Stirred cells will typically have much

ower mass transfer coefficients than tangential flow ultrafil-
ers, which will impact the sieving performance [6]. Correlations
ave also been made between sieving of proteins, dextrans, and
olyethylene glycols based on their Stokes radius [84].

The common mixed dextran test [85] uses a mixture of
extrans typically spanning a range of either 1–2000 kDa. Sam-
les of feed and filtrate taken under steady-state conditions are
un on size exclusion chromatography and the resulting filtrate
hromatogram is divided by the feed chromatogram to pro-
ide sieving as a function of retention time. Retention time is
onverted to dextran molecular weight with a calibration curve
enerated by running individual dextran standards.

0.6. Flex test

Several enhancements to the mixed dextran test are incor-
orated into the so-called Flex Test [86]. The sensitivity of the
est is increased by about 10-fold by using fluorescent tagged
extrans. While the conventional dextran test is typically used
o specify a retention at R = 0.9 (“R90”) or S = 0.1 (giving only

7% yield at N = 10 during a constant volume diafiltration), with
maximum sensitivity of S = 0.01 (90% yield at N = 10), the

lex Test can provide sieving measurements down to S = 0.001
99% yield at N = 10). In addition the Flex Test has the option of

fi
t
o
b

rane. Subpart (B) shows the same curves for a 300 kDa positively charged
omposite regenerated cellulose membrane. Adapted from Mulherkar and van
eis [86].

sing fluorescent tagged charged dextrans to capture the effect of
embrane charge on sieving. Chemical characteristics (charge

nd hydrophobicity) should be taken into account when select-
ng the fluorescent tag. For charged membranes, the sieving of

charged solute is usually measured with fluorescent tagged
extrans (high sensitivity for low sieving values) whereas the
eutral dextrans may not require a fluorescent tag since they
ikely represent passing markers. The resolving power of dif-
erent membranes can be compared by evaluating the selectivity
nd throughput parameters from data for the fluorescent charged
nd neutral dextrans. An example is provided in Fig. 30.

0.7. Leachables

Regulatory agencies require validated removal of leachables
rom filters used in the purification of human pharmaceuticals.
ilter manufacturers determine the leachable content of their
lters and perform safety testing in mice. Pharmaceutical man-
facturers also need to validate the removal of filter leachables
n the specific purification process. One method uses NMR to

rst generate a “fingerprint” of leachables from various solu-

ions (low pH, high pH, and high conductivity) representative
f the buffer conditions used in the purification process. Final
ulks are then analyzed by NMR and compared against the filter
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eachate spectra for identity. Acceptance criteria are usually less
han 1–10 �g/mL.

1. System design

Both manual and automated filtration systems are commonly
sed throughout the biotechnology industry. The vast majority of
ystems in the biotechnology industry utilize batch processing.
ystem design was originally based on equipment used in the
ood and dairy industries. A completely new set of designs has
volved to meet the more stringent requirements of the biotech-
ology industry. Systems with Steam-In-Place capability have
een implemented where feasible (for example tangential flow
icrofiltration systems). Systems that employ membranes that

annot be steam sterilized have been re-designed to drastically
mprove bioburden control. Improved designs for components
uch as pumps, valves, and instruments have been imple-
ented to meet requirements for low micro-cavitation (to reduce

ell lysis and protein denaturation), low shear (to reduce cell
ysis), and improved sanitary design. Novel control algorithms
ave also been implemented [69]. New components have been
esigned to handle the broad range of operating scales used in the
iotechnology industry. Current systems use components that
ange in scale from 0.24 in. (6 mm) up to 6 in. (152 mm) diame-
er pipe sizes to enable processing at flow rates from 50 mL/min
process development, characterization and validation) up to
400 L/min (industrial scale processing).

Ultrafiltration has become the unit operation of choice for
oncentration and formulation of final bulk protein products in
he biotechnology industry [60]. The advent of high dose thera-
eutic antibodies has generated a requirement for ultrafiltration
ystems with very low operating hold-up volumes. High dose
100 mg) therapeutic proteins administered by subcutaneous
njection (volume ≤ 1 mL) can be obtained by lyophilization
ollowed by reconstitution using small diluent volumes. This
ften results in significant product losses when trying to recover
small volume from a large vial. The problem is accentuated

y the high viscosity of many protein solutions at concentra-
ions above 50 mg/mL. Product losses can be as high as 30%
ith a concomitant impact on plant capacity and cost of produc-

ion. A second option is to use two ultrafiltration steps, one with
ufficient area to formulate the product at an intermediate con-
entration (30–50 mg/mL) followed by a second smaller system
sed to carry out the final concentration up to 100–200 mg/mL.
his option adds capital and operating costs to the product. The
ovel system design shown in Fig. 18 enables production of high
oncentration formulations in a single ultrafiltration step.

2. Future trends

Future trends in biotechnology will be driven by higher pro-
uctivity, lower cost of production, and increased development
peed. The first two goals can be accomplished by either reduc-

ng product doses (increased product specificity and/or efficacy)
r by increasing cell culture titers, production scale, and purifi-
ation productivity. There is also a trend toward increased use of
isposable systems (bioreactors and buffer bags) and raw mate-

m
c
c
b
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ials (single-use membranes) at pilot scale. As titers continue
o increase, disposable systems may also become attractive for
roduction scale manufacturing, eliminating the need for the
evelopment and validation of cleaning cycles.

As cell culture productivity increases there is typically an
ncrease in cell debris load that must be removed during protein
arvest. Positively charged cellulose depth filters are currently
sed in conjunction with either microfiltration or centrifuga-
ion for these purposes. Charged cellulose depth filtration is a
ery old technology that has proven to have unique character-
stics for removal of wide particle size distribution debris and
olloidal material. Improved chemical and physical characteri-
ation of harvest feed streams and improved understanding of
emoval mechanisms should be explored to improve harvest
perations. Current depth filter cartridges are also very cumber-
ome to install and remove. Improved product design concepts
hould be developed to improve handling.

Significant progress has recently been made in developing
igh permeability and high capacity sterile filters. This has been
ccomplished with built-in pre-filters, composite membranes,
ore size distribution gradients within individual membranes,
mproved chemistry, and increased membrane packing densities.
ingle-use sterile filters account for a significant part of raw
aterials cost in downstream processing. Steaming, cool-down,
etting, and integrity testing provide ongoing challenges for

nd-users. It is therefore desirable to develop more cost effective
terile filters with simple and robust operational characteristics.

Membrane chromatography has been evolving for some time
ithout major utilization in the biotechnology industry. Low
inding capacity has been one of the major obstacles. The ability
o run at very high linear velocity has not offset the lower binding
apacity since this leads to very large numbers of cycles per batch
about 100 versus 1 for resins) and equal requirements for re-use
100 runs for both media) to be cost effective. To be competi-
ive for applications in which the product is bound, membranes
ill need to have equivalent binding capacity (>100 mg/mL

or monoclonal antibodies), comparable media packing density
≥60%), and similar process time and cost. Yield and purity
lready appear to be equivalent (see Section 7). The benefit of
embranes would primarily be the elimination of packing and

npacking of media, which is a significant issue for manufactur-
ng operations, especially at very large industrial scale (1000 L
olumns). If costs can be driven down sufficiently there may
lso be an opportunity for single use membrane chromatography
nits that would eliminate the need for some chromatography
olutions (post-use sanitization and storage) thereby reducing
apital and labor costs. Flow-through chromatography appli-
ations, in which the product flows through the matrix while
ow levels of impurities are bound, provide a more near-term
pplication for membrane chromatography. High flow rate and
ow capacity media can be utilized for such applications and,
nlike bind-and-elute applications, the economics are competi-
ive for both re-use and single-use applications. Anion exchange
embranes provide removal of viruses, DNA, and endotoxin
omparable to resins [87]. Host cell proteins are, however, not
leared to the same extent without using lower conductivity
uffers. This typically requires dilution, larger tanks, and larger
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ownstream unit operations. If host cell binding capacity could
e made comparable to resins, single-use anion exchange mem-
ranes would be very attractive for manufacturing operations.
nother application for membrane chromatography is for purifi-

ation of very large solutes such as DNA, RNA, and viruses (used
or example in gene therapy) that are too large to enter into the
ores of conventional (bead-based) resins.

Virus retentive filters for protein feed streams have evolved
rom general large molecular weight cut-off ultrafiltration mem-
ranes to specially designed membrane structures capable of
roviding very high degrees of virus retention. Tangential flow
ode has been replaced with normal flow operation and even

mall viruses (20 nm) can be separated from monoclonal anti-
odies with high clearance (5 log reduction) and high protein
ields (>99%). Primary limitations of existing virus filters
re relatively low permeability, low capacity, and high costs.
mproved membrane structures and devices are needed to sig-
ificantly reduce the size and cost of normal flow virus filtration.

Ultrafiltration (UF) has been used throughout downstream
rocessing for concentration and diafiltration of products. Initial
oncentration and diafiltration of the harvested cell culture fluid

as been largely eliminated due to the increase in titer of current
eed streams and the availability of high flow rate resins with
ffinity ligands that operate without changing the pH and con-
uctivity of the harvested cell culture fluid. Intermediate UF has

p
e
c
n

ig. 31. Purification scheme for a monoclonal antibody using membrane technolog
epth filtration (cell debris removal). The cation exchange membrane removes host ce
ny endotoxin and viruses. Heat, virus filtration, and acid treatment are used for viru
or antibody concentration, host cell protein removal, and buffer exchange (formulat
nd Robert van Reis at Genentech, Inc.
brane Science 297 (2007) 16–50 47

lso been eliminated from many processes by matching elution
uffers from one chromatography step with conditions required
or subsequent steps or by using simple pH and conductivity
djustments. UF has, however, replaced size exclusion chro-
atography in almost all final formulation processes [60]. UF
ux rates are in large part determined by the protein mass transfer
oefficient, osmotic virial coefficients, and protein concentration
t the membrane wall (surface). The mass transfer coefficient,
irial coefficients, and wall concentration are intrinsic proper-
ies of the protein but vary with buffer pH and conductivity.

ass transfer is also determined by channel geometry (screen
ype) and feed flow rate. Systems have been developed to signifi-
antly increase mass transfer coefficients [30] but at the expense
f membrane packing density. New ways of increasing mass
ransfer while maintaining high membrane packing density and
ow pressure drop provide one opportunity for improvement.

Commercial implementation of charged UF membranes pro-
ides another opportunity for improved fluxes, particularly for
ow molecular weight cut-off UF membranes (<10 kDa) (see
ection 8). Charged UF membranes in conjunction with opti-
um operating parameters can also be used to enable protein
urification with HPTFF (see Section 9). Composite regen-
rated cellulose membranes are low fouling (<20%), easy to
lean (ambient 0.1N NaOH), and eliminate the physical weak-
ess of conventional regenerated cellulose membranes. Further

y. The monoclonal antibody is harvested by centrifugation (cell removal) and
ll proteins. The anion exchange membrane removes host cell protein, DNA, and
s inactivation and removal. High performance tangential flow filtration is used
ion). Process from Bénédicte Lebreton, Ai P. Lin, Nuno Fontes, Amit Mehta,
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ttempts to recreate these attributes with synthetic polymers will
ikely continue. Development of a family of UF membranes with
ptimum permeability should be pursued. Permeability values
elow about 5 L/m2/h/psi become limiting relative to mass trans-
er and osmotic pressure, whereas permeability values above
0 L/m2/h/psi cause significant gradients in filtrate flux along the
ength of the UF device without any improvement in the overall
rocess flux due to mass transfer and osmotic pressure limi-
ations. Disposable UF cartridges may emerge, although cost
avings associated with the elimination of membrane clean-
ng must be traded off with increased labor for installation of
artridges on every run and the increased risk of installation
ntegrity failures.

Membranes have traditionally been used to separate species
f very different size such as proteins from cells (microp-
rous/sterile filters), cell debris (depth filters), and viruses (virus
lters), and for the separation of low molecular weight com-
onents from proteins (ultrafiltration). The development of
embrane chromatography and HPTFF enable for the first

ime complete purification of proteins using membrane sys-
ems. Fig. 31 shows a process scheme for purification of a
onoclonal antibody using a series of membrane-based unit

perations. Although not implemented in any commercial pro-
esses, small-scale studies using this process show comparable
ield, purification, and product quality with a conventional
rocess. Future developments will determine whether such a
embrane-based process can provide the required product qual-

ty, purity, yields, and throughput with reduced costs for the
iotechnology industry.
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